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[57] ABSTRACT 

An improved process for the production of styrene 
through dehydrogenation of ethylbenzene in the pres- 
ence of steam at elevated temperatures, comprising (!) 
recovering heat of condensation normally lost during 
separation of the various components of the dehydro- 
genation reaction effluent, especially of ethylbenzene 
from styrene, without need or use of a compressor and 
(2) using such heat to vaporize an aqueous feed mixture 
of ethylbenzene and dilution water that is introduced 
into the dehydrogenation reactor, preferably at about 
atmospheric pressure, thereby obviating the need to use 
steam to vaporize the liquid ethylbenzene feed and also 
enabling much of the diluent steam needed as sensible 
heat for the dehydrogenation reaction to be generated 
from water* 

11 Claims, 2 Drawing Figures 
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resulting low pressure steam for use, e.g., as reboiler 
DEHYDROGENATION PROCESS FOR heat in the product recovery fractionation facilities. 

PRODUCTION OF STYRENE FROM However, the improvements of these latter two patent 

ETHYLBENZENE COMPRISING LOW publications require, for their inventive success, a com- 

TEMPERATURE HEAT RECOVERY AND 5 pressor, a heavy duty hem of equipment involving sub- 
MODIFICATION OF THE stantial investment and expense. The present invention 

ETHYXBENZENE-STEAM FEED THEREWITH has evolved from the need to avoid these problems and 

to reduce substantially the energy input and plant in- 
BACKGROUND OF THE INVENTION vestment costs associated with the production of sty- 

1, Field of the Invention 10 rene through dehydrogenation of ethylbenzene in the 
This invention relates to a process for the production presence of steam at elevated temperatures. 

of styrene by the dehydrogenation of ethylbenzene in To enable use of the vaporized ethylbenzene-steam 
the presence of steam, and more particularly, to a pro- mixture in the dehydrogenation process without the 
cedure therein for achieving low temperature heat re- need of a compressor, the present invention makes use 
covery of heat of condensation normally lost during 15 of novel process improvements. For example, the ethyl- 
separation of the various dehydrogenation products, benzene-water side of the condenser on the fractionat- 
most notably of ethylbenzene from styrene, and using ing column separating ethylbenzene and styrene is oper- 
. such heat to vaporize the liquid ethylbenzene and water ated at a pressure adequate for flow through the down- 
feeds to the dehydrogenation reactor without the need stream system* Also, by modifying the ethylbenzene- 
or use of a compressor. 20 steam feed system through the mixing of liquid ethyl- 

2. Description of the Prior Act benzene and water feeds and vaporizing same for intro- 
It is well known that styrene can be produced from duction, at about atmospheric pressure, into the dehy- 

ethylbenzene at temperatures between about 1 100 to drogenatton reactor, it has been found that the need for 
1200 degrees F. by vapor phase catalytic dehydrogena- steam to vaporize the liquid ethylbenzene feed is eiimi- 
tion in the presence of steam. Early patents on the sub- 25 nate£ j and that mBch Qf ttie rfft uent st eam needed as 
ject have concerned themselves essentially with the sensible heat for the dehydrogenation reaction can be 
nature of the catalyst For example, among the catalysts generated from liquid water, Other process iroprove- 
suggested for this reaction are: palladium oxide cata- mer ,ts and simplifications are achieved as well, 
lysts (U.S. Pat. No. 3,502,736); platinum metal catalysts 

(Japanese Patent Publication No. 8367/67); supported 30 SUMMARY OF THE INVENTION 

palladium catalysts (Japanese Patent laid-open No, The present inven^on is thus directed to an improved 
133236/76); molybdenum-bismuth oxide catalysts (Jap- dehydrogenation process for the production of styrene 
anese Patent laid-open No. 52 1 39/76); catalysts contain- from ethylbenzene , in the presence of steam, at elevated 
ing oxides of at least one metal of copper, zinc, arsenic, temperatures through recovering heat of condensation 
antimony, chromium, iron, and/or cobalt (Japanese 35 ir separation of the various compo- 

Patent Publication No, " of £ tehy<LZ*«on reaction effluent, espy- 

ing tin antimony, and oxygen as essential constituents dall ofethylbe ^ enefromstyre ne, without need or use 
(British Pat. No. 1,595,008), f mpressor> and using suc fc heat to vaporize an 

More recently, however, the m aqueous liquid feed mixture of ethylbenzene (EB) and 

from catalyst to means for achieving be^ ^onomy m 40 ^ uto ^ w tot ig to ^ ^ te deh^ 

S^Yar^ nation feed reactor, preferably at about atmospheric 

supply the sensible heat needed for the endothermic pressure. 

reaction in such process and with regard to the separa- BRIEF DESCRIPTION OF THE DRAWINGS 
tion of sty ren ^J^^?^ nTITzSsT " Understanding of the present invention will be Facili- 

effluent by using it to generate steam which is thereafter taken m hght of the awompanying .FIGS. 1 1 and 2. 

compressed and introduced into the reboiler of the , FIG. 1 is a simplified schemata flow diagram of the 

Irf!.'iu™™„ Ji,,:,.,^,. „„„ „ w . . tvre ne is re- 50 closest prior art dehydrogenation process for the pro- 

™vX^ d-tionW 

tent, moreover, high pressure steam is used to drive the steam, at elevated temperaUires 

compressor for thf reactor effluent steam generated. FIG. 2 is W 1 ^. J J" 

German Offenlegungsschrift No. (OLS) 3,147,323 present invention, which is an improved version of the 

also focuses on achieving heat economy in the dehydro- 55 pnor art process shown m FIG. L 

genation process. It does so, however, by concentrating DETAILED DESCRIPTION OF THE 

on making the dehydrogenation reactor self-sufficient PREFERRED EMBODIMENTS OF THE 

in regard to its steam requirement by recovering the PRESENT INVENTION 
heat, previously abstracted by cooling, for steam gener- 

ation Its novelty consists of vaporizing water with a 60 The present dehydrogenation process for the produc- 

reaction mixture that has been cooled to 90-120 degrees tion of styrene comprises dehydrogenation of ethylben^ 

C and is at a pressure of 0.4-1,2 atm., and compressing zene, preferably in a multi-bed, preferably two-bed, 

the resultant steam to 1.4-2,5 atm. and using it to pre- radial flow reactor, using a conventional catalyst for 

pare the ethylbenzene, water, and steam feed mixture, this purpose, such as one based on iron oxide, and con- 

U.S. Pat. No. 3,515,767 embodies the same inventive 65 ventional operating conditions. 

concept as this Offenlegungsschrift It teaches the gen- It is understood that certain equipment such as 

eration of subatmospheric steam from the heat of valves, piping, indicators and controls, and the hKe have 

quenched reaction zone effluent* and compresses the been omitted from the drawings to facilitate the descnp- 
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tion thereof, and that the placement of such equipment bly process steam condensate, sai£ feed mixture being at 
at appropriate places is deemed to be within the scope about atmospheric pressure. The reaction effluent from 
of one skilled in the art, dehydrogenation reactor 105 is passed into a heat ex- 

Referring now to FIG, I, this represents a typical changer 104 which transfers heat from the dehydrogen- 
commercial prior art process for the production of sty- 5 ation reaction effluent to the ethylbenzene-water vapor 
rene through catalytic dehydrogenation of ethylben- feed mixture, thereby superheating said feed mixture, 
zene (EB), at elevated temperatures approximating 600 From exchanger 104- the superheated gaseous feed mix- 
degrees C. or more and under low pressure, in the pres- ture is passed to dehydrogenation reactor 105, The 
ence of dilution steam. cooled dehydrogenation reaction effluent from ex- 

In FIG. 1, there is depicted, schematically, a steam 10 changer 104 is passed into additional heat recovery, 
superheater 1, which is a direct fired heater, for super- condensation, and hydrocarbon/steam condensation 
heating a major portion of the diluent steam (main units in conventional fashion, as indicated by the block 
steam) to a temperature above the dehydrogenation denoted "Heat Recovery & Condensation" in both 
reaction temperature. FIGS, 1 and 2. The uncondensed material that remains 

Feed ethylbenzene is vaporized in an EB vaporizer 2, IS after such processing, off-gas, comprising non-conden- 
which is a conventional thermosiphon reboiler, and sibles (inerts) and uncondensed hydrocarbons and the 
passed to an EB separator drum 3. From drum 3, the remaining steam is compressed, scrubbed, and cooled 
vaporized EB— diluent steam mixture is mixed with a for additional recovery. These measures are denoted by 
small portion of the diluent steam and superheated by the expression "vent gas recovery" in FIGS, 1 and 2. 
heat exchange in a heat exchanger 4 with the dehydro- 20 The liquid water separated during "heat recovery and 
genation reaction effluent It is then further preheated condensation'* is withdrawn by a condensate pump 106, 
with the superheated main steam with which it mixes at while the hydrocarbons separated from the aqueous 
the reactor inlet of the dehydrogenation reactor 5 be- phase during such processing, which hydrocarbons 
fore reaction in said reactor 5. comprise unreacted ethylbenzene, styrene, tars, and 

The dehydrogenation reaction effluent, after being 25 by-products of benzene and toluene, are then sent to a 
heat exchanged in exchanger 4 t is passed to the heat fractionation column 107, designated as "EB/SM split- 
recovery and condensation section of the process. Such ter" to denote its primary /unction. The overhead from 
- effluent contains primarily styrene, hydrogen, and unre- the column 107 comprises unreacted ethylbenzene and 
acted ethylbenzene; small or minor amounts of the deal- the by-products benzene and toluene, which are con- 
kylation by-products of benzene and toluene; small or 30 densed in the overhead condenser 108 into reflux and 
minor amounts of methane, ethane, carbon monoxide, overhead product. The bottoms from column 107 com- 
carbon dioxide, polymeric materials, and tars; and also prise styrene and tars, which are withdrawn as a hot- 
an aqueous condensate. The gaseous phase, which in- toms stream, Fresh feed ethylbenzene from pump 109 is 
eludes some of these materials, and comprises hydro- mixed with the required diluent steam condensate from 
gen, methane, ethane, carbon monoxide, carbon diox- 35 condensate pump 106 to form a minimum boiling mix- 
ide, benzene, and toluene is recovered by means which ture of ethylbenzene and water which then circulates 
include compression and aromatics recovery of the through the overhead condenser 108, The required 
benzene and toluene. The aqueous phase, comprising quantity of ethylbenzene-water that is fed to reactor 105 
aqueous condensate, is transmitted by a condensate vaporizes while condensing the overhead vapor from 
• pump 6, subjected to steam stripping, and reused as 40 overhead condenser 108, The net weight ratio of water 
boiler feed water. The third and final phase, the organic to ethylbenzene may vary from 0.3 to 0.6, with the 
phase, comprises crude styrene, which has to be dis- preferred ratio being 0.40 to 0,50, The origin of the 
tilled in order to recover styrene monomer, Conven- supply of water is not. a critrcal factor and may be 
tionally, the crude styrene, together with a polymeriza- drawn from a variety of sources available in the plant, 
tion inhibitor, is fed into a distillation tower 7, which is 45 Most common sources of water would derive from 
referred to in the art and known as an ethylbenzene-sty- various steam condensates such as process steam con- 
rene monomer (EB/SM) "splitter". The polymerization densate or stripped process condensate, 
inhibitor, as its name suggests, reduces polymer forma* In one of its major, essential aspects, there is provided 
tion during distillation of the crude styrene, EB/SM in this invention an improved method for producing the 
splitting can comprise a single distillation tower or a 50 ethylbenzene-steam feed vapor mixture, thereby con- 
plurality of them {"distillation train"). During distilla- serving considerable amounts of energy and plant in- 
tion, the key separation is that between EB and styrene, vestment capital. This method can be employed in all 
and column operation is conducted under reduced pres- standard conventional commercial styrene processes 
sure conditions so as to reduce temperature and thus based upon the dehydrogenation of ethylbenzene in the 
styrene polymer. Thus, EB and lighter materials are 55 presence of steam, and it conserves energy whether 
separated from styrene and heavier materials, employed in an adiabatic or an isothermal dehydrogena- 

Referring now to FIG. 2, shown there is an improved tion process, 
version of the conventional process depicted in FIG. 1. To enable use of the vaporized ethylbenzene-steam 
To facilitate comparison of the two figures, the system mixture in the dehydrogenation process without the 
of numbering of the respective pieces of process equip- 60 need for a compressor, the ethylbenzene steam side of 
ment in FIG. 2 parallels that adopted for FIG. 1, except the overhead condenser 108 on the fractionating col- 
for the use of a "100" series rather than a "1" or single- umn 107 is operated at a pressure adequate for flow 
digit series of numbering. In FIG. 2, there is illustrated through the downstream system. While not wishing to 
a dehydrogenation reactor 105 (designated "dehydro- be limited to specific numerical values, which are vari- 
genation system" as in FIG* 1) into which are passed a 65 able and dependent on a number of other process fac- 
main supply of steam* preferably superheated steam, tors as is known in the art, nevertheless, for purposes of 
transmitted from direct-fired steam superheater 100, illustrating this invention, such ethylbenzene steam side 
and a feed mixture of ethylbenzene and water, prefera- pressures of condenser 108 would approximate about S 
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to about 25 psi absolute, And the column overhead 
pressures would approximate about 100 to about 1300 
mm mercury, preferably about 100 to 400 mm. 

Thus the operating pressure of column 107 is thereby 
increased from below about 100 mm mercury to give a 
temperature differential between the condensing ethyl- 
benzene vapor and the vaporizing ethylbenzene-water 
feed mixture. This differential can be enhanced by the 
use of a polymerization inhibitor that permits raising of 
the BB/SM splitter column 107 operating pressure, and 
thus temperature, without a significant increase in the 
quantity of styrene polymer produced. Any styrene 
polymerization inhibitor that meets these requirements 
would be uttlizable in this invention, Thus, examples of 
suitable polymerization inhibitor would include both 
sulfur compounds such as sulfur or, more preferably, 
non-sulfur compounds such as various types of organic 
compounds, preferably aromatic nitrogen-containing 
compounds and most preferably aromatic nitro com- 
pounds. Representative examples of preferred organic 
compounds include the following; bis-(2,2,6,6)-tet- 
ramethyl piperidyl-l-hydroxylamide adipate; various 
mixtures of dinitroethyl phenol and dinitrochloro- 
phenol such as 2,6-dmitro-4~ethyIphenol and 2,6-dint- 
tro-4-chlorophenol (see U.S. Pat, No, 4,474,646); vari- 
ous mixtures of para-nitrophenol, Mannich base, and 
paraquinone dioxime (see US.S.R* Pat. No, 968,041); 
tetra 3,5 ditertiary-butyl-4-hydroxybenzyl ethylenedi- 
amine; dinitro-phenylhydrazine or diphenyl-carbo hy- 
drazide; 4-nitroanthraquinone; 2-methylbenzoquinone- 30 
4-oxime; 2,3,Mrimethylbenzoqumone-4-oxime; various 
mixtures of quinone alkide and a phenol (see U.S. Pat. 
No. 4,040,911); dinitrophenol (see U.S. Pat. Nos. 
3,959,395 and 4,033,829); nitrocresol (see U.S. Pat. No. 
4,086,147); phenothiazine; t-butyl catechol; nitrosodi- 
phenylamine; and nitrosomethylaniline (see U.S. Pat 
No, 4,050,943), 

The steam produced in the vaporization of the ethyl- 
benzene-water feed mixture forms part of the diluent 
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25 


rene are separated is also a matter not critical to the 
practice of this invention. 

Moreover, this invention offers the same attractive 
advantages over other methods of producing super- 
heated ethyibenzene or superheated ethylbenzene- 
steam dehydrogenation reactor feed. For example, eth- 
yibenzene can be vaporized by heat exchange with 
dehydrogenation reactor effluent, and superheating of 
the ethylbenzene-steam vapor can be accomplished in 
the convection section of the steam superheater. 

The following table summarizes the'typical operating 
ranges in important dehydrogenation process parame- 
ters for styrene processes in which the present invention 
can be implemented, whether under adiabatic or iso- 
thermal conditions. 



Adiabatic 

Isothermal 

Steam/EB Ratio* wt 


0.5-1.5 

EB Conversion, % 

50-90 

50-90 

Dehydrogenation Temperature, 

530-650 

530-720 




DehydrogenstioR Pressure, 

0.3-1.5 

G.S-1.5 

kg/cm a A 
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EXAMPLES OF THE INVENTION 

The invention will now be further illustrated by ref- 
erence to the following specific, non-Hmiting T compara- 
tive example in which two process schemes are com- 
pared for a conventional 60,000 metric tons per year 
styrene plant using benzene and ethylene feedstocks. In 
one scheme, Scheme A, the present method disclosed 
and claimed for producing the ethylbenzene-steam 
vapor feed mixture was absent. In the second scheme, 
Scheme B, the present method disclosed on page 6, line 


24 to page 10, line 19, for producing the ethylbenzene- 
steam vapor feed mixture was included. The dehydro- 
genation reaction systems for both schemes were the 
steam. Thus, the relative quantity* of dilution steam 40 same, and the recovered vent gas was used as a fuel for 


passing through the steam superheater can be reduced 
with a consequent reduction in the fuel requirements of 
the superheater. This additional heat input to achieve 
the same reactor inlet temperature and dilution steam 
rate is most conveniently taken from the heat recovery 45 
system. Thus, the heat normally lost to the operating 
environment from the distillation column condenser is 
used to produce steam and ethyibenzene vapor. And 
hence net steam import is reduced correspondingly. For 
any given dehydrogenation reactor configuration and 50 
operating conditions, plant investment is also reduced 
since the steam superheater and the distillation column 
or system become smaller and hence less expensive. In 
addition, as previously noted, no compressor is needed. 

As can be seen, the present invention is not limited to 
any specific set of process operating conditions or to 
any specific equipment arrangement. Total dilution 
steam-ethylbenzene feed ratios, ethyibenzene conver- 
sions, dehydrogenation catalyst identities and composi- 
tions, and dehydrogenation reactor system configura- 
tions can be varied within sundry operable limits with- 
out affecting the nature or scope of this invention. Simi- 
larly, process details relative to heat recovery and con- 
densation, vent gas recovery, condensate stripping, and 
the arrangement of the crude styrene distillation col- 
umn, i.e. EB-SM splitter, are not critical to the success 
of this invention. Likewise, whether benzene and tolu- 
ene are separated before or after ethyibenzene and sty- 


the steam superheater. The figures given below for 
Schemes A and B are based upon 1.0 kilogram of sty- 
rene product. Ail other factors remained constant. 



Scheme A 

Scheme B 

Steam import, kg 

1.729 

0.995 

Fuel import, kca* 

726 


Cooling water (10 deg. C. 

113 

65 

min.) kg 


0.0025 

Loss to polymer, kg 

0-001 
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The above comparison shows that, in Scheme B, 
where the present invention was incorporated into the 
scheme of Process Scheme A, the plant investment cost 
of Process Scheme A was reduced by 2-3%* It is to be 
understood, of course, that such savings will vary, de- 
pending upon the dehydrogenation system used and 
upon the economic factors affecting design optimization 
such as feedstock and utility costs. It is to be further 
understood that the loss to polymer could be reduced 
by increasing the rate or amount of feed of the polymer- 
ization inhibitor, consistent with the operating limits of 
the other styrene process parameters. 

While the present invention has been described and 
illustrated with exemplary embodiments, it will be un- 
derstood that many modifications thereof will be appar- 
ent to those of ordinary skill in the art and that this 


invention is intended to cover such modifications or any 
adaptations or variations thereof, 
What is claimed is: 

1. In a process for the production of styrene from the 
catalytic dehydrogenation of ethylbenzene in a dehy- 
drogenation zone at elevated temperatures in the pres- 
ence of steam, whereby the dehydrogenation effluent is 
cooled and then separated into three phases consisting 
of a gaseous phase comprising hydrocarbons, an aque- 
ous phase comprising steam condensate, and an organic 
phase comprising crude styrene and unreacted ethyl- 
benzene, and whereby said crude styrene is separated 
from said unreacted ethylbenzene by distillation and the 
styrene monomer product is recovered, the overhead 
from the distillation column for separating said crude 
styrene from said unreacted ethylbenzene being passed 
into a condenser into indirect heat exchange with a fluid 
comprising ethylbenzene and water passing through 
said condenser, the improvement comprising operating 
the ethylbenzene—water side of said condenser at a 
pressure between about 8 psia and about 25 psia; operat- 
ing said column under conditions sufficient for its over- 
head to have a pressure in excess of about 100 mm mer- 
cury; said fluid comprising water and ethylbenzene and 
being vaporized during said indirect heat exchange into 
a gaseous mixture; and said gaseous mixture being 
passed into said dehydrogenation zone. 

2. A process for the production of styrene according 
to claim 1, wherein the net weight ratio of water to 
ethylbenzene in said gaseous mixture is from about 0,3 
to about 0.6. 

3. A process for the production of styrene according 
to claim 2 f wherein said net weight ratio is about 0,4 to 
about 0.5. 

4. A process for the production of styrene according 
to claim 2, wherein the pressure of said overhead is 
above about 100 mm mercury to about 1300 mm mer- 
cury. 

5. A process for the production of styrene according 
to claim 1 or 4, wherein the water in said gaseous mix- 
ture is derived from steam condensate. 

6. A process for the production of styrene according 
to claim 1, 2, or 4, further comprising a polymerization 
inhibitor being present during the separation of crude 
styrene from unreacted ethylbenzene in said column* 

7. A process for the production of styrene according 
to claim 1, wherein the diluent steam/ethylbenzene 
weight ratio is between 1.0-2,2, the ethylbenzene con- 
version rate is 50-90%, the temperature in the dehydro- 
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genation zone ranges from 530-650 degrees C, and the 
pressure in the dehydrogenation zone ranges from 
0,3-1,5 kg/cm^A. 

8, A process for the production of styrene according 
5 to claim 1, wherein the diluent steam/ethylbenzene 

weight ratio is between 0,5-1.5, the ethylbenzene con* 
version rate is 50-90%, the temperature in the dehydro- 
genation zone ranges from 530-720 degrees C, and the 
pressure in the dehydrogenation zone ranges from 
10 0.3-1.5 kg/cm 2 A. 

9, A process for the production of styrene according 
to claim 1, wherein die temperature differential be- 
tween the condensing ethylbenzene vapor in said con- 
denser and the vaporizing ethylbenzene-water gaseous 

15 mixture in said condenser is between about 2 degrees C, 
and about 10 degrees C. 

10, A process for the production of styrene according 
to claim 6 t wherein said polymerization inhibitor is an 
aromatic nitro compound. 

20 11. In a process for the production of styrene from 
the catalytic dehydrogenation of ethylbenzene in a de- 
hydrogenation zone at elevated temperatures in the 
presence of steam, whereby the dehydrogenation efflu- 
ent is cooled and then separated into three phases con- 

25 sisting of a gaseous phase comprising hydrocarbons, an 
aqueous phase comprising steam condensate, and an 
organic phase comprising crude styrene and unreacted 
ethylbenzene, and whereby said crude styrene is sepa- 
rated from said unreacted ethylbenzene by distillation 

30 and the styrene monomer product is recovered, the 
overhead from the distillation column for separating 
said crude styrene from said unreacted ethylbenzene 
being passed into a condenser into indirect heat ex- 
change with a fluid passing through said condenser, the 

35 improvement comprising operating the ethylbenzene 
steam side of said condenser at a pressure between 
about S psia and about 25 psia; operating said column 
under conditions sufficient for its overhead to have a 
pressure in excess of about 100 mm mercury-about 1300 

40 mm mercury; said fluid comprising water and ethylben- 
zene and being vaporized during said indirect heat ex- 
change into a gaseous mixture; said gaseous mixture 
being passed into said dehydrogenation zone; the net 
weight ratio of water to ethylbenzene in said gaseous 

45 mixture being from about 0,3-about 0.6; and a polymeri- 
zation inhibitor being present during the separation of 
crude styrene from unreacted ethylbenzene in said col- 
umn- 

***** 
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[57] 


ABSTRACT 


The present invention relates to a process for the pro- 
duction of styrene by the catalytic dehydrogenation of 
ethylbenzene into styrene in the presence of steam 
which is, in a first stage, used for heating the reaction 
effluents, and then used as diluent for ethylbenzene. 
This process is characterized in that: 
a molar ratio of steamrethylbenzene of between 5 and 13 
is used, 

the temperature in the dehydrogenation reactors is be* 

tween S8G* and 645° C, 
the average pressure in the first reactor is 0.6-1 kg/cm 2 

and those in the second and the third reactors is 

0.4-0.7 kg/cm 2 , and 
the hourly space velocity of liquid ethylbenzene is 

0.20-0.35 h-* 1 . 

12 Claims, 1 Drawing Sheet 



US. Patent 


Sep. 27, 1988 


4,774,378 



4,774,378 

1 2 

dehydrogenation reactors in series, one or more heating 

PROCESS FOR PRODUCTION OF STYRENE devices arranged between the reactors in which the 

reaction effluents are subjected to a heating by heat 
BACKGROUND OF THE INVENTION exchange with steam, which is used, in a first stage, to 

The present invention relates to a new process for 5 heat th e reaction effluents and which is mused, in a 
producing styrene by the catalytic dehydrogenation of secORd sta ge, Wlth the ethylbenzene at the inlet of the 
ethylbenzene into styrene in the presence of steam. first dehydrogenation reactor. The process according to 

Styrene is widely used as raw material for the pro- the invention is characterized in that: 
duction of a large number of resins, plastics and elasto- ethylbenzene is mixed with steam m a molar ratio of 
mers, the extent of its use being mainly attributed to the 10 steam:ethylbenzene of between 5:1 and 13:1, the 
suitability of styrene to be easily polymerized, :for exam- mixture is heated at the inlet of the said reactors to 

pie, mto polystyrene, or to be copolymerized, for exam- a temperature of between 580° and 645" C, an 

pie with butadiene, to produce rubbers, average pressure in. the first reactor of between 0,6 

The production of styrene, as regards the dehydro- and 1.0 kg/cm 2 , expressed as absolute pressure, and 

genation process as well as the variety of catalysts used 15 a pressure of between 0.40 and 0.70 kg/cm 2 , ea- 
rn this process, is well known* As present, the main pressed as absolute pressure, in the second and the 
research objective lies in the improvement of the profit- third reactors are maintained, and an overall space 
ability of the process. Especially, a process for the dehy- velocity of liquid ethylbenzene of between 0.20 and 
drogenation of ethylbenzene according to which the 0.35 h~ l is imposed. 

dehydrogenation is carried out in a plant which com- 20 According to a preferred embodiment of the process 
prises at least three dehydrogenation reactors in series, according to the invention an overall space velocity of 
and intermediate heating devices for the reactors in Hquid ethylbenzene of between 0.24 and 0.30 h- 1 is 
which the reaction effluents are subjected to a heating imposed, 

by heat exchange with stream is known. According to Preferably, the temperature at the inlet of the reactors 
this process, steam is first of ail used for heating the 25 fe mai ntaraed between 595* and 630* C, 
reaction ef fluents and it is then mixed with ethylbenzene Preferably still, the average pressure in the first reac- 
afc the inlet of the first reactor. The operating conditions tor i$ fc etween o,6 and 0.8 kg/cm 2 , expressed as absolute 
adopted in this process are the mixing of 3 to 10 moles pressure, the average pressure in the second reactor is 
of steam with 1 mole of ethy benzene, and a tempera- M and a7 k % m z expr€Ssed as absotute pre ^ 

25 ^JS™ 1 ? n? v ? °2 /T^™! sure or the average pressure, in the third reactor is 

600V680* C and 0.4-0.8 kg/cm*, respective^ The be£ween Q 4 and Q J k expressed as absoIute pres „ 

temperature and pressure conditions at the inlet of the w 

other ^J^^SI ^eferably still, a molar ratio of steam:ethylbenzene 

i^^^r^^l^ X. o lt y B 35 of between 7:1 and 13:1 is imposed, the conversion of 

- «*" beinghigherin 

vo^e^ 

ethylbenzene conversion rate of the order of 65-75%, ™& conventional catalys s used for the dehydrogena- 

or even greater, and a molar selectivity of the order of 40 J™ of ethylbenzene. Catalysts based on iron oxide and, 

90% are obtained. However, the implementation of ln particular, those which contain potassium, may espe- 

such a process, over a period of time, leads to a deterio- cia31 y be mentioned. 

ration in the styrene selectivity as well as in the ethyl- Any ethylbenzene dehydrogenation reactor may be 

benzene conversion rate which may, nevertheless, be employed for implementing the process according to 

limited by increasing the reaction temperatures. In fact, 45 the invention. However, ■ radial reactors of the type 

gradual .degradation of the catalyst and appearance of described in French Patent No. 2,365,370 are preferably 

carbon deposits on this catalyst are observed over a used * 

• period of time. Additionally, the presence of hot points In accordance with the process according to the 

along the production line (especially in the intermediate invention, which is earned out under moderate condi- 

heating devices) gives rise to thermal degradation reac- 50 tions of temperature and at low pressure and low over- 

tions producing heavy and choking compounds, It is all space velocity of the liquid ethylbenzene, a sigmfi- 

estimated that the rate of heavy products formed is of cant restriction is achieved in the formation of heavy 

the order of 17000 ppm, expressed per ton of effluent degradation products. In fact, in accordance with the 

. hydrocarbons, or even greater. In the end, an increase process according to the invention, the rate of heavy 

in charge loss, a decrease in the efficiency of the catalyst 55 products formed does not exceed 5000 ppm per tonne of 

and, therefore, the need for frequent cleaning, results effluent hydrocarbons. 

therefrom. With a view to eliminating the drawbacks of In accordance with the process according to the 

such a process, the Applicant Company has developed invention, ethylbenzene conversion rates which may 

a new process for the dehydrogenation of ethylbenzene reach 7$% or higher, and a selectivity of the order of 

which makes it possible to obtain excellent ethylben- 60 95% or even greater, are obtained, 

zene conversion rates, greater than 73%, and a molar Moreover, the decrease in the formation of heavy and 

selectivity greater than 93%. choking degradation products enables this performance 

* * > ^tr^ ^t,,™™-™ t0 be maintained over a period of time and avoids the 

SUMMARY OF THE INVENTION frequent stoppages of the plants for cleaning. 

More precisely, the subject of the invention is- a pro^ 65 BRIEF DESCRIPTION OF THE DRAWINGS 
cess for producing styrene by the catalyst dehydrogena- ** KU ^ 1 AUW ur i «£* uka w irsua 

tion of ethylbenzene according to which the dehydro- The invention will be better understood on reading 

genation is carried out in a plant which comprises three the practical embodiments of the present invention, 
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given by way of indication and without implied limtta- tively. On exit from the exchanger 15, the reaction 

tion, and carried out using the styrene manufacturing mixture has a temperature sufficient to undergo a dehy- 

plant described below and shown in FIG, 1. drogenatton once again, at a temperature of between 

According to the invention, the plant shown in FIG, 580° and 645* C. The effluent is therefore directed 

1 comprises three dehydrogenation reactors t t 2 and 3, 5 through the circuit 21 into the reactor 2 in which it 

arranged in series. passes through the second catalytic bed. The pressure at 

nPTA „ Fn nP , r « ipttom of trp the boundaries of th « reactor must be adjusted so as to 

detailed oe^ckifiiuin ut ink, have m average pre s S ure r expressed as absolute pres* 

DRAWINGS sure p re f era bly of 0.5-0.7 kg/cm 2 , and preferably still, 

Ethylbenzene is first of all vaporized in an exchanger 10 of 0.52-0,65 kg/cm 2 . On exit from this reactor, the 

(not shown in FIG. 1) and then.introduced through the effluent is brought through the circuit 22 into the heat 

circuit 4 into a furnace 5 and then through the circuit 6 exchanger H for heating and then through the circuit 

into the furnace 1, The ethylbenzene is then brought 23 into the reactor 3 in which it passes through the third 

through the circuit 8 into the mixer 9 to be mixed catalytic bed. The pressure at the boundaries of this 

therein with steam* 15 reactor must be adjusted so as to have an average pres- 

Water, which has previously been vapourized in a sure, expressed as absolute pressure, preferably of 

boiler (not shown in FIG. 1), is brought through the 0,4~O«6 kg/cm 2 , and preferably still, of 0.4-0.5 kg/cm 2 , 

circuit 10 into the furnace 7. The steam then undergoes On exit from the reaction zone, the effluent is first of 

a series of heat exchanges, thus playing the role of a all directed into devices for energy recovery (not 

high-temperature heat exchange fluid: 20 shown in FIG. 1) and is then directed towards the sty- 

at the outlet of the furnace 7, the steam is brought into rene purification phase. 

the indirect heat exchanger 11 to heat the effluents The space velocity of liquid ethylbenzene in the reac- 

originating from the reactor 2, tors I, 2 and 3 is adjusted so as to have an overall space 

the steam is then brought through the circuit 12 into velocity of between 0.20 and 0.35 h-* and preferably 

the furnace 13 to be heated therein, 25 between 0.24 and 0.30 h~K 
the steam is then introduced through the circuit 14 t?y a a^pt p« 
into the indirect heat exchanger 15 to heat the JlAAMrLb& 
effluents from the reactor 1, Examples of practical implementation Nos, 1, 2, 3, 4 and 
the steam is then introduced through the circuit 16 5 and comparative examples 6 and 7. 
into the furnace 17 to be reheated therein, and the 30 ^ cataiytic dehydrogenation of the ethylbenzenes- 
steam is then injected through the circuit 18 into te3m mMm was carrie d out using a plant, the block 
the mixer 9 to be mixed with ethylbenzene therein. ^ $0f the production of which is shown in FIG . 
As * leaves the mixer 9, the ethylbenzene-steam reac* L The reaction conditions for the dehydrogenation and 
tion mrxture, the steam:ethylbenzene molar ratio of the resp]£s are iven in tabk L Example No% . h 2 , 3, 4 
which is, according to the in^ventjon between 5 and 13, 35 and 5 relate to the indentation of the dehydrogena- 
has a temperature of the order of 580-645 C Uon ?TOC ^ according to the invention whereas the 
The reaction mixture thus obtained ts injected comparative examples 6 and 7 correspond to the imple- 
through the circuit 19 into the reactor! in which it men f atkm of the conventional dehydrogenation pro- 
passes through the first catalytic bed. The pressure at the operating cond j t i ons of wh i c h are mentioned 
the boundaries of this reactor must be adjusted so as to 40 m thft ftrst part of OUr app i icatk ^ 
have an average pressure, expressed as absolute pres- IfJ additioilf ^ e ca talyst used in the examples is based 
sure, of 0.6-1 kg/cm* and preferably of 0,6 to OS Qn iron Qx{ ^ m d contairts especially potassium. 

TABLE No, i 

COMPARATIVE 
EXAMPLES EXAMPLES 



N° 1 

2 


N'4 

N" 5 

N" 6 

N" 7 

Molar ratio of steamtelhyl- 

12.4 

9.4 

8,20 

7 

5.3 

6 

4 









Temp, (in *C) at the inlet of the 








1st reactor 

620 

62S 

620 

595 

600 

650 

650 

2nd reactor 

620 

625 

620 

600 

600 

650 

650 

3r<f reactor 

620 

625 

620 

600 

600 

650 

650 

Overall space velocity (in h"- l ) 


0.27 

0,30 

0.25 

0,27 

0.44 

0.44 

Average pressure (m fcK/cm 2 ) 








1st reactor 

0,84 

0.76 

0,75 

0.72 

0,7 1 

0.90 

0,86 

2nd reactor 

0.64 

0.60 

0.58 

0.59 

0.57 

0.81 

0.80 

3rd reactor 

0.50 

0.47 

0.45 

0.47 

0.47 

0.68 

0.68 

Conversion of ethylbenzene 

80 

73 

73.3 

64.7 

56.6 

72.1 

66.7 

Selectivity (in mole %} 

95,» 

94.9 

93.6 

93.4 

94.5 

90.9 

89.8 

Heavies formed (in ppm) 

1200 

2400 

4000 

900-1000 

i 2000 

16800 

18000 


kg/cm 2 . On exit from the reactor 1, the reaction mixture 
or effluent is directed through the circuit 20 into the 
heat exchanger 15 for heating. Because of the endother- 
mic nature of the dehydrogenation reaction, the mixture 
undergoes a temperature drop of a few tens of degrees 
in the dehydrogenation reactors 1, 2 and 3. Advanta- 
geously and in accordance with the invention, the reac- 
tion effluents are heated in the heat exchangers 15 and 
11 before being injected into the reactors 2 and 3 respec- 


We claimr 

1, A process for producing styrene by catalytic dehy- 
drogenation of ethylbenzene wherein the dehydrogena- 
tion is conducted in three separate dehydrogenation 
zones in series, one or more heating means arranged 
between said zones wherein reaction effluents are 
heated by indirect heat exchange with steam which 



after, being used to heat said reaction effluents, is mixed 
with the ethylbenzene at the inlet of the first dehydro- 
genation reaction zone and wherein:. 

the ethylbenzene is mixed with the steam in a molar 
ratio, steam; ethylbenzene, of between 5 ; 1 and 1 3 : 1 , 
the resultant mixture is heated at the inlet of the reac- 
tion zones to a temperature of between 580° and 
645° C, 

an average pressure in the first reaction, zone of be- 
tween 0.6 and I kg/cm 2 , expressed as absolute 
pressure, and a pressure of between 0,40 and 0,70 
kg/cm 2 , expressed as absolute pressure, in the 
second an the third reaction 2ones are maintained, 
and 

an overall space velocity of the liquid ethylbenzene 
therein of between 0*20 and 0.35 h~ l is imposed. 

2. Process according to claim 1, wherein the overall 
space velocity of the liquid ethylbenzene is between 
0,24 and 0.30 h- 1 . 

3. Process according to claim 1 or 2, wherein the 
temperature at the inlet of the reactors is maintained 
between 595° and 630° C. 

4. Process according to claim 1, wherein the average 
pressure in the first reaction zone is between 0.6 and 0.8 
kg/cm 2 , expressed as absolute pressure. 
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5. Process according to claim 1, wherein the average 
pressure in the second reaction zone is between 0.5 and 
0.7 kg/cm 2 , expressed as absolute pressure. 

6. Process according to claim 1, wherein the average 
5 pressure in the second reaction zone is between 0,52 and 

0.65 kg/cm 2 , expressed as absolute pressure. 

7. Process according to claim 1, wherein the average 
pressure in the third reaction zone is between 0.4 and 
0.6 kg/cm 2 F expressed as absolute pressure, 

10 8. Process according to claim %, wherein the average 
pressure in the third reaction zone is between 0.4 and 
. 0.5 kg/cm 2 , expressed as absolute pressure, 

9. Process according to claim 1, wherein the overall 
space velocity of the liquid ethylbenzene is between 

15 0,24 and 0,30 h~ l T wherein the temperature at the inlet 
of the reaction zone is maintained between 595° and 
630° C, wherein the average pressure in the first reac- 
tion zone is between 0,6 and 0,8 kg/cm 2 , wherein the 
average pressure in the second reaction zone is between 

20 0,5 and 0,7 kg/cm 2 , and wherein the average pressure in 
the third reaction zone is between 0.4 and 0,6 kg/cm 2 , 
expressed as absolute pressure* 

10. A process according to claim 1, wherein the 
stearmethylbenzene molar ratio is between 7:1 and 13:1. 

25 11* A process according to claim 9, wherein the 

steam:ethylbenzene molar ratio is between 7:1 and 13:1. 

12. A process according to claim 1, wherein the rate 

of heavy products formed does not exceed 5000 ppm 

per ton of effluent hydrocarbon 
30 ***** 
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first -separates the bulk of the higher boiling xylenes from 
ethylbenzene and the second removes the lower boiling 
benzene and toluene from the ethylbenzene. This se- 
quence oan be reversed; however, by removing the ben^ 
zene and toluene nrst, A common column may be em- 
ployed for distilling benzene and toluene from the feed- 
stock and from the C e stream being recycled in the de- 
hydrogenation system. la any event, according to this 
invention, the ethylbenzene feed to the dehydrogenation 
This invention relates to the production of high purity io system contains 95 to 98.5%, preferably 96 to 97.5%, 
styrene by dehydrogenation in -a system into which is fed ethylbenzene based on the total of ethylbenzene and 
a relatively impure ethylbenzene stream. According to xylenes. m 
the process of this invention, high purity styrene, for m- After separation, -the ethylbenzene is catelyhcaHy de- 

stance having -a purity of at least 99 weight percent or hydrogenated. Generally the dehydrogenation tempera- 
^t ffi& on C« aromatic hydrocarbons 15 ture should be in the range of about 1000 to 1200* F. 


PROCESS FOK DSOTOROGENATION OF 

John A. Scott, New York, N.Y., assignor, by mesne as- 
signments, to Sinclair Research, Inc. t New York, 
a corporation of Delaware 
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and preferably about 1050 to 1175* F. Any suitable 
ethylbenzene dehydrogenation catalyst may be used. 
Typical dehydrogenation catalysts are commercially avail- 
able catalysts which comprise 90% Fe 2 Os, 4% Cr 2 O a 
and 6% K 2 C0 3 ; or 62.5% Fe a 0 3 , 2,2% Cr 3 O s and 35.3% 
KaCOs* Other suitable catalyst compositions are as fol- 
lows: 60-95% iron oxide, 4-39% potassium oxide and 
1-10% chromium oxide; 5-60% cobalt oxide, 10-60% 
iron oxide, 4-39% potassium oxide arid 1-10% chromium 


5s produced in a catalytic dehydrogenation process using 
an ethylbenzene feedstock of a purity of 95 to 98. 5 weight 
percent, preferably 96 to 97.5%. 

The cataiytic dehydrogenation of ethylbenzene to form 
styrene is well known in the art. For polymerization 
grade styrene, a purity of at least 99.5% is usually re- 
quired* Styrene containing more than about 1% of a 
stable hydrocarbon boiling in the Qj aromatics range is 

generally useless for normal commercial polymer pur- iron oxide, £W» 

fo^s Thus in the production of commercial styrene, it & oxide and 50 r 90% iron oxide, 9-49% calcium oxide and 
is very important to prevent the presence of impurities 1-4% chromium oxsde. These catalysts often consist es- 
xn the product Normally the styrene-contaming effluent 
which has been formed by dehydrogenation of feeds pre- 
pared by separation from petroleum fractions, contains 
both ethylbenzene as a result of incomplete dehydrogena- 
tion and xylene impurities. The ethylbenzene and xylene 
are normally removed overhead from the styrene product 
bottoms and the overhead is recycled to the dehydrogena- 
tion reactor. Thus it was considered that the making of 
a styrene product of given concentration permitted the 
presence of xylene in the feed only to the same extent 
since any xylene in the ethylbenzene feed would build 

the stvrene product is equal to the amount of xylene en- 4U to JX7. In ^general ^standar^ydrogenation reactor con- 
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senlially of the oxides of an iron group metal; an alkaline 
metal including the alkali and alkaline earth metals and 
chromium. The oxide- form of the metals includes com- 
pounds that decompose to an oxide under the reaction or 
similar conditions, 

The dehydrogenation may be carried out at atmospheric 
or elevated or reduced pressures. With pressures in the 
range of about 2"G0 p,s,Lg. the hydrocarbon feed is often 
diluted with from about I to 10 volumes of steam to re- 
duce the hydrocarbon partial pressure. The space ve- 
locity can be varied and when using a catalyst the WHSV 
(pounds hydrocarbon per pound of catalyst per hour) 


the styrene product is equal 1 

tering as an impurity in the ethylbenzene feed. There- 
fore it has been considered necessary to use an ethylben^ 
zene feed of extremely high purity, normally greater than 
99.5%, See ILS, Patents Nos. 2,959,626 and 3,0S4 T 108. 

The object of this invention is to prepare high purity 
styrene using as a starting material ethylbenzene of rela- 
tively lower purity. The object of this invention is fur- 
ther to make it possible to produce high, purity styrene 
by the use of less expensive ethylbenzene feed distillation 
systems than heretofore required or to increase the ca- 
pacity of existing systems for obtaining the ethylbenzene 
feed stream from aromatic petroleum fractions. For ex- 
ample, the amount of ethylbenzene available for dehydro- 
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ditions have been found satisfactory. 

It has been found that the amount of xylenes cracked 
increases with increasing ethylbenzene conversion, and it 
is usually only necessary to keep the conversion of ethyl- 
benzene high enough so that the amount of xylene cracked 
is about equal to the amount in the feed minus that in the 
styrene product. In general, the ethylbenzene conversion 
will be in the range of about 25 to 70%, preferably about 
30 -to 60%. It is desirable that -the distillation column 
50 for separating the recycle stream be capable of separating 
xylene and ethylbenzene from styrene without a large 
amount of styrene going to the recycle stream in order to 
avoid undue polymerization of the styrene in the dehydro- 


TZZ~" a , r.+-*rT-£VT\a towIujWi' msv genation reactor. Generally, the column should be capa- 

genauon, and thus the ^^Ifj^^^^f 1 ^ ble of making a separation which yields a styrene product 
be Creased by about 21% when the ethylben^ne fed * or even at least 99.5% purity, and prefer- 

^f^^T^ ?■ fXlI! m ably the column will give this product and a recycle 

than 99,5%, based on total difi stream of less tban about 3%, preferably less than 1% 

The process of Has invention is based ur^n d^ aromatics when distilling the product 

covery that in &e system of the present mta irfft. eo Zultmg from the dehydrogenation at aburt 33% ethyl- 

benzene conversion. Such a column was used in the ex- 
amples which follow. Operation according to the process 


cient amounts of xylenes are cracked in the dehydrogena- 
tion reactor to lower boiling impurities such as benzene 
and toluene. As a practical matter, all xylenes are not 
removed from the styrene product. Thus the' amount 
of xylenes cracked plus the amount of xylene an the 
styrene product is essentially equal to the amount of 
xylene entering in the ethylbenzene feed, and accordingly 
the amount of xylenes cracked is essentially equal to the 
amount of xylene in the C s aromatic hydrocarbon feed 
stream minus the xylene in the styrene product. 

In the process for purification of the ethylbenzene feed- 
stock, two distillation columns are often employed. The 
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of this invention results in an increased ethylbenzene feed 
purification column capacity of 21% when 97% rather 
than 99,5% ethylbenzene is used, and at the same dehy- 
drogenation conversion level gives 21% more styrene. 

The process can be more readily understood by refer- 
ence to the figure showing a flow sheet of the process* 

Crude ethylbenzene feed enters the primary tower 1 and 
is purified by removing xylenes as the bottom product and 
taking off ethylbenzene, xylene and lighter materials over- 
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kead. This overhead is joined with the recycle stream 
from the debydro gen alio n system and the combined ma- 
terial is passed into distillation column 2. In column 2, 
benzene and toluene are removed overhead and ethyl- 
benzene and xylenes are taken as a bottom product, As 
*n alternative mode of operation, the etfaylbenzene ami 
xylene from column 1 may by-pass the benzene-tohiems 
separation column 2 and go directly to debydrogenaaon 
, reactor 3, especially if the overhead from column 1 is es- 
sentially devoid of benzene and toluene. The bottom 
product from column 2 enters the dehydrogenation reactor 
3 wherein ethylbenzene is converted to styrene. The de- 
hydrogenation reactor effluent is separated in recycle dis- 
tillation column. 4. The high purity styrene product is 


10 


styrene bottoms product and batch fimshktg oolumn 6, 
which has a styrene overhead product and .a .polymer bot- 
toms product. , £ ... 

The following examples illustrate the process of ttaw 
invention. 

Example I 

An ethylbenzene feed was converted to styrene in equip- 
ment of the type described. Crude ethyl-benzene feed was 
first separated from xylene to give a feed containing 2% 
xylene, based on C 8 aromatics. Benzene and toluene im- 
purities were removed in a second distillation. The bot- 
toms products from the benzene-toluene column were 
then sent to a dehydrogenation reactor containing a de- 
hvdroeenation catalyst containing approximately 90% 


tillation column 4. The mgri purity styrene puu^l « nyorogenauon w<uy^ <^io«*u^ "*K*ir — :r v / ' 
reeled asTe bottom product from column 4 and tie IS p^oj 4% Cr 2 0» *md 6% Kf0 3 , and I from tter* to a 
1 . w . , . - » ^vih^wftna. i.j^rrt*. r^nmn which removed xylene, ethylbenzene, ben- 
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overhead stream containing styrene, xylene, .etbylbenzene, 
benzene and toluene is recycled to column % 

Purification of the styrene may take place in the con- 
tinuous finishing distillation tower 5 which has a highly 
pure styrene overhead product -and a styrene and poly- 
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recycle column which removed xylene, ethylbenzene, ben- 
zene and toluene impurities from the styrene .and recycled 
them to the benzene-toluene column. Flow rates, stream 
compositions, and reactor compositions for this run are 
shown in Table X. 


table I 


Composition 


H, — 

Ot -« 

C» 

CH- 

C0 2 

paraJJOuou 

Benzene — 

Toluene 

Bthylhenaene.. 
M-P Xylene. 

Styrene 

Polymer 


Flow Bates (Farts fey Weight/Hr.) 


Etayl- 
benzene 
Feed 

To B-T 
Twt. 2 


and X/Lqrud 
From Vent 
Condenser 

To B-T 
Twr. 2 


Bemene-ToTuene Tower 2 


13.38 
163,30 
3. SO 


Total. 


Composition 


181.00 


1.63 
6.52 
15.61 
146.07 

15.56 


OVKD 

To 
Refinery 


2.20 
0.52 
28, &9 
300. 37 
37,95 
15,56 


210. 50 400. 59 


23,39 
4.24 
0.20 


34.59 


Bottoms 

To 
Bettor 


5,60 
305. *3 
37.66 
15.50 


366,00 


Vent Gas 
From Pcay- 
droge nation 


5.G7 
1.03 
G.82 

an 

10. 27 


Flow Rales {Parts nyWeignt/Hr.) 


Recycle Tower 4 


Fees 


Hs 

o\""SS— 1" 

Oa-f - 

CO s 

Paraffin — . 

Beiuene__^ — 

Toluene- 

Ethylbenzene_. 
M-P Xylene.. _ 

Styrene 

Polymer -~- 

Total 


OVHD 
Vapor 

To B-T 
Twr. 2 

Via Vent 
Cond. 


1.68 
6.62 
15.61 
148.17 
34.72 
150.41 
1.25 


356.60 


6.74 
30.00 


OVHP 

liquid 

To B-T 
Twt. % 


Bottoms 

To Finish- 
ing Tower 5 


Finishing Tower 5 


OVHD 
Product 


Bottoms 


To Batch 
Still G 


1,08 
1.05 
0.07 
116.30 
27.05 
13.14 


50.00 169.50 


0,10 
0.57 
134-85 
1.25 


136.77 


0.10 
0,57 
133.60 


1.25 
3.25 


134.27 


2.50 


Reactor Conditions 


- Fresh Feed (p; 
Recycle (parts/hr. 


Total Reactor Feed (parta/te.)-— 

Total Steam to Reactor (parts/hr.) — 

Steam Temp., *F - 

Reactor Inlet, °F ■ 

Reactor Outlet, *tf~_. s », - 

Conversion Per Pass.Mole percem^^--^-. 
Weight Hourly Space Velocity, #/K HO/^ Cat. 


168 

"~108" 
366 
830 
1,400 
1, 140 
1, 090 
40 
0,66 


Reactor Feed 
Composition 


Paraffins.. 
"Toluene" 


Bthylbenzene-, 
M-P Xylenes- 
Styrene^ 


Total 


Weight 
Percent 


0.66 
-1.53 
83.37 
10.29 
4.26 


10&.00 


i 8.40 parts of She vent gas are products of the water gas reaction. 


8,308, 


5 

Example 11 

The process of Example I was repeated using- an ethyl- 


benzene feed containing 4* 
matics. Flow rates and 
Table II. 


& xylene based on Cg pre- 
conditions are shown in 


6 


reaction as said recycle stream, the conversion of ethyl- 
benzene m said reaction 'being about 25 to 70% and sum- 
cient to crack xylenes to lower boiling materials m an 
amount essentially equal to the amount of xylene in the 
C a aromatic hydrocarbon feed stream minus the xylene 
in the high purity styrene product 


table n 


Com posit Son. 


H?_ - 

Oi 

C & . 

CO*l~" ------- 

PjvrulXVn-. 

Benzene 

Toluene 

EthyPooraene-. 
M-P Xylene..*- 

Styrene „. 

Polymer..^. 


TotfiU 


Flow Bates (Parts by WeightyHr.) 


Ethyl- 
benzene 
Feed 

TcB-T 
Twr-2 


1.31 


10. 00 
171. 70 
6-99 


Becycle 
and Liquid 
From vent 
Comienser 

ToB-T 
Tsvr< 2 


2.02 
7.76 
21. 63 
133.35 
57.80 
28,16 


moo 


Benzene-Toluene Tower 2 


Feed 


OVHD 


To 
Refinery 


S.33 
7.76 
31.63 
305. 05 
64.79 
28,16 


CBS 
7,70 
24.51 
.50 
0.03 


33.63 


To 
Reactor 


7.02 
304,56 


40S.0 


Vent G&£ 
Prom. Deby- 
drogenation 


5,61 
h 16 
0.81 
0.16 
12.26 


« 19.00 


Plow Rates (Parts by Weight/Hr,) 


B-eeycle Tower 4 


Composition 

^eed 

OVHD 
Vapor 

To B~T 
Twr. 2 

Via Vent 
Cond. 

OVHD 
Liquid 

To B-T 
Twr, 2 

Bottom* 

To Finish- 
ing Tower 5 

OVHD 
Product 

Bottoms 

To Batch 
BtUU 









0.20 






C»-K-»— — — 






Para£Tm„,^ 

3.02 
7. 76 
21.63 
133. 35 
57. 80 
171.45 
1. 94 

0.53 
3. 9S 
7.50 
25. 25 
0.00 
3.74 

1.64 
2.48 
13. 26 
113, 36 
45.58 
24.08 








Toluene. 

Ethylben£ene___ 
M-P Xylene 

Polymer 

oTio 

0.63 

143,29 
1.94 

6.30 
0.63 
141.53 

1 76 
1,94 

Total 

306, IS 

50.00 

200.00 

145.06 

142,26 

3.70 


Finishing Tower 5 


Reactor Conditions 


Fresh. Feed (paTts/hr.)„ _ — 

Recycle {parts/hr.}, 

Total Reactor Feed (parts/hr.) . . „ „ 

Total Steam to Reactor (parts/hr.) ■ 

Steam Temp., ° F..„_ 

Reactor Inlet, * F. 

Reactor Outlet, 0 F - - 

Conversion Per Pass, Mole per cent. 

Weight Hourly Space Velocity, #/H HC/Jf Cat, 


184 
222 
406 
909 
1.3S8 
1, 165 
1,1112 
47.9 
0.62 


Beactor Feed 
Composition 

FaraMns_l 

Toloene 

Bthylbenaene.. 
M-P Xylenes., 
Styrene- 

Total ,. 


Weight 
percent 


0.50 

1.95 
76.03 
15.48 

6.94 


100. 00 


1 10, 16 parts/lir. of the ven t gas ore products of the water gas reaction. 


It is claimed! 

1. In the process of producing styrene of at least 99% 
purity based on C 8 aromatic hydrocarbons from a C 8 
aromatic hydrocarbon feed stream consisting essentially 
of xylene and 95 to 9&,5% etbylbenzene based on the C 8 
aromatics which consists essentially of combining said C» 
aromatic hydrocarbon with a C a aromatic recycle stream, 
dehydrogenating said combined C 8 material at a tempera- 
ture of about 1000 to 1200 e F« to produce styrene by de- 
hydrogenation of ethylbenzene, removing the high purity 
styrene product from the reaction effluent aud recycling 
remaining C s aromatic eminent to the dehydrogenation 


2, The method of claim 1 wherein the ethylbenzene 
65 conversion is about 30 to 60% and the styrene product 
is at least 99.5% pure based on C B aromatic hydrocarbons, 
X The method of claim 2 wherein the recycle stream 
is separated from the styrene product in a distillation 
^ 0 column which gives a recycle stream of less than 3% 
styrene when distilling the product stream resulting from 
the dehydrogenation at aibout 33% ethylbenzene conver- 
sion. 

4, The process of claim 3 wherein the debydrogena- 
?5 tion 5$ at a temperature of about 1050 to 1175* C. 


3,803,179 


5. The method of claim 2 wherein the dehydrogenatkm 
is conducted in the presence of a catalytic amount of a 
catalyst consisting essentially of Fe £ O a , Cr 2 0 3 and 
K 2 CO s . 

<J. The process of claim 5 wherein the C s aromatic hy- 
drocarbon feed contains 96 to 97.5% ethylbenzene based 
on C 8 aromatics. 

7, The method of claim 1 wherein said xylene com- 
prises a mixture of meta and para xylenes. 
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This invention relates to a method for producing ethyl- 
benzene in a degree of purity suitable for dehydrogenation 
to styrene. As a useful dehydrogenation stock for styrene 
production, the ethylbenzene hereof contains less than 
1 volume percent of stable hydrocarbon impurity boiling 
in the Q aromatic hydrocarbon range, a range, of about 
130 to 140° a 

More particularly, the present invention provides a 
method and apparatus by which ethylbenzene may be 
superdistilled from a C a aromatics mixture in at least that 
degree of purity* 

The invention also provides a method of producing a 
C a aromatics fraction mixture, containing less than 0.3% 
of non-aromatic hydrocarbon and comprising a useful 
charging stock for superdistillation to recover said ethyl 
benzene from a naphtha containing recoverable quanti- 
ties of C 8 aromatics. 

The invention further provides superdistillation ap- 
paratus comprising a plurality of two or more columns 
to effect the distillation of a C e aromatics fraction from 
which substantially pure ethylbenzene may be recovered 
using at least 150 plates or stages, and preferably from 
200 to 400 plates or stages; and a critical distillation 
method of operating such apparatus including a reflux 
ratio exceeding 40:1 and preferably 60 to 150:1, whereby 
the ethylbenzene separated has a purity exceeding 99% 
far styrene production, and practically may exceed 
99.995%. . 

In the production of styrene from ethylbenzene con- 
taining more than 1% of impurity by catalytic dehy- 
drogenation, such impurity, if it is not decomposed dur- 
ing the reaction to components of remote .boiling pomt 
and if it boils in the neighborhood of styrene or ethyl- 
benzene, tends to prevent separation of 'Styrene :of ade- 
quate purity from the -reaction -products. A styrene pro- 
duced from ethylbenzene containing more .than about 1% 
of a stable hydrocarbon boiling in the C 8 aromatics range, 
such as 130-140° C, is useless for -usual .commercial 
purposes, If the ethylbenzene contains less than ^about 
1 % but more than 0.4% of such impurities, -the -styrene 
produced therefrom is useful for preparing synthetic rub- 
ber such as GR-S r but not commercially acceptable poly- 
styrene polymer, For the latter purpose the ethylbenzene 
must contain less than 0.4% impurity. Thus, for com- 
mercial purposes, only styrene containing less. than -0,4% 
is useful for direct polymerization to colorless plastic 
polystyrene, and that grade of styrene .produced irom 
such high purity ethylbenzene is known : as polymer grade 
styrene. Styrene produced from ethylbenzene containing 


less than about 1% but more than 0.4% of stable hydro- 
carbon impurity, is known as rubber grade styrene. 

The ethylbenzene produced by the present method has 
less than 1% of stable hydrocarbon impurity boiling In 
5 the C E aromatics range, such as from 130 to 140* 
and may be produced by the present method with im- 
purities less than detectable, that is, ethylbenzene .con- 
taining less than ,005% impurity. 

As a first step of this method, a G e aromatics mixture 
10 is obtained which contains less than 0.3 % of non-aromatic 
hydrocarbon boiling tn the C 8 aromatics range. 

As a second step, this substantially pure C 8 aromatics 
mixture is superdistilled in a column comprising at lea?t 
150 distillation plates or stages, preferably 200 to 400 
15 plates or stages at a reflux ratio exceeding about 40: 1, 
preferably in the range of 60 to 150.: 1. The term reflux 
ratio as used herein is the ratio of reflux volume to net 
. overhead product volume. 

As a further feature of .this invention, stable non* 
20 aromatic hydrocarbon components usually occurring with 
a Ce aromatics extract fraction are displaced during die 
extraction of naphthas containing an extractable quantity 
of ethylbenzene by substituting lower boiling, usually 
non-aromatic hydrocarbon, for the higher boiling non- 
25 aromatic hydrocarbon components contained in the aro- 
matic extract, thereby allowing production of a C« aro- 
matics fraction of substantially pure aromatic compo- 
nents, and in any case, .a C 8 aromatics fraction which 
critically contains less than 03% of stable non-aromatic 
30 hydrocarbon. , 

According to a preferred practice of .this -invention, a 
highly naphthenic naphtha feed stock is aromatized hy 
catalytic dehydrogenation to produce a 40-60% aromatics 
yield, of which the C 8 fraction contains a recoverable 
35 quantity, usually more than 10% of ethylbenzene, and 
we averaged, according .to our preferred procedure, about 
27 to 34% of ethylbenzene in our C 8 aromatics .fraction. 

Ethylbenzene, prior to the present invention, was pro- 
duced commercially by alkylation of benzene with ethyl- 
40 ene. This catalytic alkylation is an expensive extra step 
in petroleum conversion to first form the pure benzene 
and ethylene and .then convert them to ethylberizeke. 
The method of this invention distinguishes that common 
practice in completely avoiding this catalytic synthetic 
45 method by procedures, which in most economical aspect, 
are applied directly to raw petroleum naphthas first to 
form large quantities of " ethylbenzene therein and then 
to -isolate it from other hydrocarbon components. 

It .is , known in -the art that usual conversion of 
50 petroleum naphthas, particularly such as contain arc? 
matics will, along with the benzene, toluene and xylene, 
. -contain some ethylbeiizene. In many naphthas produced 
by petroleum conversion the aromatic content will vary 
-widely and -the -ethylbenzene content thereof may vary 
55 slightly with the character of the raw naphtha feed stock, 
-but the C 8 aromatic fractions separated therefrom average 
only about 11% -of ethyibenzene. - 

The boiling polhi .of ethylbenzene is so close^ to that 
of '-the xylene isomers contained in the C 8 fraction that 
,60 separation of the. mixture even by very line distillation 
to obtain an ethylbenzene concentrate in sufficient purity 
to obtain an ethylbenzene of dehydrogenation quality to 
produce styrene, has : ntft heretofore been possible. For 


Instance, its this ethylbenzene dehydrogenases, the un- 
converted ethylbenzene must be separated from me 
styrene produced, usually in less than 50% yield per pass, 
by distillation, and recycled for further dehydrogenahon. 
Any stable hydrocarbon boiling in the C B aromatic s range 
that is present is substantially unaffected and is not re- 
moved in the distillation to separate the residual ethyl- 
benzene from the styrene produced, but \ °* r £ 
mains with the ethylbenzene fraction and thereby tends 


stantially no non-aromatic hydrocarbon. That C fi , fr ac- 
don is then superdistilled to recover the substantially 
pure ethylbenzene as further described below. 
P it is occasionally found in certain virgin petroleum 
naphtha stocks that the C a aromatics fraction contains 
over 15% of ethylbenzene, and sometimes even as h*gh 
7s 25%: Wdmgly, such stocks are useful as feed 
stock to the extractor when they are available and whhe 
the whole range of the distillate fc ^J^ * 


mains wilh the ethylbenzene fraction and thereby tends S^bl/^ow extract^ such virgin gasoline, to first 
to bund up in ^rtJ^t^^ 10 iS^SX^tJk *«* -mprises a con- 


mains with the styrene tending to increase the ethylben- 
zene content to further reduce the styrene purity, thereby 
reducing the quality of the styrene to below commercial 
acceptability ^ described above- Accordingly, the prior 
attempts' to separate ethylbenzene from a C B aromatics 
fraction by a distillation of any character, resulted in such 
impurity, contents as to render the ethylbenzene 
useless for styrene production. , Bitt4 - 

The separation of ethylbenzene m adequate degree ot 
purity from a C 8 aromatics fraction is made pomble 
by the present snperdistiHatlon only because substantially 
all stable non-aromatic hydrocarbon boiling m the 
aromatics range of about 130 to 140° C, and initially 
in quantity above about 0.3%, have been removed be- 
fore that superdistiilation is applied. The method of 
removing such stable hydrocarbon impurities, nsually 
non-aromatics, according to the present invention, com- 
prises extracting the aromatics with a polar type solvent 
from the mixed hydrocarbon feed stock containing a re- 
coverable quantity of ethylbenzene, usually along witn 
other aromatics, Such polar type solvent is characterized 
by having a relative selectivity in its solvent effect upon 
the feed stock hydrocarbon tending to dissolve more 
aromatics than non-aromatics. In usual operation the 
solvent to feed ratio may vary from 30 to 5 : 1. 

During the extraction a continuous recycle of lower 
boiling hydrocarbon, boiling below the Q aromatics 
extract range, is maintained to pass such recycle througfc 
the aromatics rich solvent solution, thereby tending to 


15 


20 


25 


SO 


35 


oreierauie, dciu^c — ~ . _ 

separate therefrom a fraction which comprises a con- 
centrate of the <VC S aromatics. . 

It is also known that many gasoline conversion prod* 
ucts contain ethylbenzene among the* ^ «o*ahcs and 
such conversion products selected at random t torn mmy 
commercial petroleum conversion P™" w " «™ 
about il% of ethylbenzene among their C 8 aromatics. 
Such catalytic conversion products, preferably ^frac- 
tionating to isolate a concentrate of the QrA 
may also comprise a useful feed stock to the extractor 
of the present invention. ... ,i« 

It is found that if a naphtha mm* l£* -23% 
naphthenes boiling in the range of 226-273 F. is cat 
alyticaily dehydrogenated, large quantities o recoverable 
ethylbenzene, usually exceeding 15%, are found m the 
C fraction of the aromatics formed therem and there- 
fore™ preferred to use as feed stock to the present 
extractor such catalytically dehydrogenated product. 

A full boiling range petroteum naph&a boiling from 
100 to about 400° F., typically about 140-175 F IBF 
up to about 400' F. BP, may comprise the feed stock, to 
the catalytic dehydrogenator, providing it mitialiy con- 
tains at least 25% of naphthenes. The yields of Cs 
Romaics X i the aromatized product axe ^o favorably 
affected by adjusting the feed stock to a high content 

practice of this invention is to feed a naphtha tjte* 
Vic dehydrogenator ad*sted to *~"^JsiS 


the aromatics rich solvent solution thereby tending to aiy * ' "gg^^^J of hydrocarbon comprising 
displace from the extract any high ^dn* «»n-«oa»t» 40 °| *e feed^tocK comp y b 

hydrocarbon dissolved in the aromaHc extract _ solution, 25 /o napmnene preferred practice of 


solution in the extractor. The aromatic hydrocarbon is 
then stripped from the solvent in a semi-steam distillation, 
separating a front end fraction containing any remaining 
quantity of volatile non-aromatics and some aromatics 
as overhead, also for recycle. Simultaneously a side 
stream of substantially 100% aromatics is removed from 
an intermediate portion of the stripping column. 

la a subsequent distillation of the pure aromatics 
there is first separated benzene, then toluene and finally 
a C 3 fraction containing less than 0,3% and usually sub- 


hydrocarbon boiling m the Tange of 
which comprises 35 to 55% naphthenes. 

For pmposes of comparing the yields of ethylbenzene 
available by the present preferred dehydrogena ion 
50 procedure to increase the yields, to usual practices two 
tables compiled by the Petroleum Refining Laboratory of 
Pennsylvania State University are reproduced. Table A 
shows ultimate analysis of the C B fraction of various 
StTn naphthas, and Table B shows a similar 
55 analysis upon various catalytically converted naphthas: 


TABLE A 

Relative amounts of C-8 aromatics present in naphthas 


Source Naphtha 


Straight Umi Naphthas * 


C-S Aromatics: 
Ethylbenzene 
p-xylene— 

Q-3cylcne.„^ 

Total 


*0. 


Ponca 
City 


East 
Texas 


Bradford Michigan 


Winkler, 
Texas 


Midway 
CaliL 


Conroc, 
Texas 


Average 


Volume percent ot total OS Aromatics 


10D 


iDD 


100 


100 


100 


17 
17 

20 

100 


t 


TABLE B . 
Catalytic naphthas 


Typb of Crack Leg 


Forming 

Bed 


2-Pass 

3:PfiBS 

Tensp, 

High 
Temp, : 

Reaction Temp., B F 


926 

"850 



975. 

Qas OH. 



Selected 
Naphtha 

Gas 011+ 
Heavy 
DistiUate 

Hvy,Napb. 
from 2- 
Pass 

Kerosene-, 

O-S Aromatics: 



139,1 

144,4— 

Volume Percent of Total C-8 Aromatics 

11 

IS 

47- 

24- 

13 

19 

48 

20.- 

52_,„— ■- 

IS 

IS _ 

45- 

24, 

13. 
20. 
4& 
18. 






100- 

100-.^ 

100. 

■ 








38E 80 i 

38H 65 i 

' 38K65* 

30YS2.I 

66 1 

Avg, of 


975-.-, v. — 

975 

975 — 

Heavy 
Qas Oil, 

l t O00 - 

Qas OIL— 

975 - 

10. 

0-8 AromatScs; 

Gas Oil. 

Light 
Gas Oil 

Gas Oil— 

Volume Percent of Total C~8 Aro mstics 

22 

48 

IS - 

19„ 

iZ 

15— 

44.. 

11 

20 

45. 

18. 

45 

11. 
19. 
47. 

O-xytene — , ~- 

Total — - 

20 

100 

26 

100— 

32. 

100 — 

24. 

10D— 

28 

100—-— 

23. 
100. 





i Vol. percent conversion. 


the balance; gases and light liquids separated in a 
stabilizer- The reaction product after stabilizing and : 
splitting to remove lower vola'tiies contains at least 30% . 
Of aromatic hydrocarbon and usually ranges from about 
.40 to 60% before solvent separation. 

The catalytic dehydrogehatioh product is stabilized to ■ 
remove the volatile material which boils substantially be- ; . 
low" the Co aromatics, the product being generally frac- 
tionated to an initial boiling point of about 140-155 * Fi 
Thereafter the stabilized product is, extracted with a £dlar" 


rt will be apparent from the data of Table A that there 
are some virgin naphthas which naturally contain use- 
fully recoverable quantities of ethylbenzene and some 
contain relatively high quantities of ethylbenzene in the 
C-8 fraction whereby such is even more valuably re- 
covered by the present method. With respect to data 45 
represented in Table B it is apparent that ethylbenzene 
available in the C 8 fraction of catalytic conversion stocks 
by any of the commonly practiced conversion methods 

is much lower than in Table A, the highest being only . . 

\%% of the C 6 fraction, and the average, only 11%, but 60 type solvent in which the. solvent tends to dissolve greater 
these too may be usefully recovered. The yield of ethyl- quantities of aro.matics than non-aromatics; 
benzeiie by the preferred practice of the present inven- The character of the solvent may vary widely and iri- 

tion may exceed the best of any available virgin or gen- eludes such typical solvents as lower alkyiene glycols such 
eral catalyticaliy produced gasoline stocks. as ethylene, propylene or butylene glycols, lower alkyiene. 

Accordingly, it is the preferred practice of this in* 55 glycolethers such as diethylene glycol and ( dipropyiene ■ 
vention to aromatize a narow B.P, range high naphthenic glycol, furfural, phenol, liquid sulfur dioxide, liquid am- 
naphtha fraction by catalytic dehydrogenation. the arc*- moma, nitrobenzene, aromatic amines such as. aniline or 
matization or dehydrogenation comprises passing the toluidine, lower alkyl (1-6 carbon atom) primary* sec- 
naphtha over a dehydrogenation catalyst, typically a ondary and tertiary amines, and corresponding loW^r 
platinum containing catalyst, at a temperature in the $0 alkanol amines such as tri" methyl amine, di ethyl amine,; ■ 
range of about 825-975° F. and at a pressure in the di butyl amine, di ethanol amine, tri ethahol amine arid 
range of about 200-500 p.s.Lg. in the presence of at the like, and other polaE solvents known in the petroleum 
least 4 to 12 rnois, preferably 6 to S mols of hydrogen extraction art, as well as mixtures thereof, may be used 
per rnol of hydrocarbon fed to the unit. The catalytic as the solvent. Generally the solvent is modified to; imv. 

65 part a smaH water content for purposes of adjusting its 
selectivity, primarily to reduce its solvent power for noa* . 
aromatic hydrocarbon. . . . 

The solvent extraction is usually operated with- con- 
tinuous countercurent flow of hydrocarbon to.be ex- 
tact chambers to maintain the reaction conditions, there 70 tracted and solvent, with aromatic rich solvent being with- ' < 
being several, such as 3 to 6 catalytic contact chambers drawn from one end of the extractor and rafBnate r at 
in a dehydrogenation assembly- the other. A continuous displacement from the extract 

The dehydrogenation yield comprises about 75-90 of high boiling non-aromatic hydrocarbon by lower bopr 
wt. percent of the feed stock, the other products formed ing non^aromatic hydrocarbon is effected by continuously., 
comprising some 4-6 wt. percent of hydrogen gas, and ?5 introducing low boiling' non-aromatic hydrocarbp«riJD[tQ' 


dehydrogenator comprises several catalytic contact cham- 
bers in which dehydrogenation catalyst is distributed for 
optimum contact with the hydrocarbon vapors and hy- 
drogen mixture, the apparatus providing . means for re- 
heating the vapors' at intermediate points between con- 


8 


the extract. The principle here followed to effect a desir- 
able extraction of the aromatic hydrocarbon is based upon 
the fact that, whatever may be the absolute solubility ot 
non-aromatics in the solvent solution of extracted ax©-, 
matics, that solvent solution of arornatics has a greater 
solvent power for non-aromatic hydrocarbon of lower 
molecular weight than for similar, non-aromatic hydro- 
carbon of higher molecular weight. , By continuously, 
passing more volatile iower molecular weight .hydro- 


matic fraction, it is preferred to pass the same inwardly 
into -the bottom of. a continuously descending extract 
solution formed in a vertical column, from which the 
rafimate is removed at the top, whereby the mmartr 
?cs introduced -into fto arornatics nch solution act as a 
continuous wash of .the .aromatic nch extract and dis- 
places the high boiling non-aromatics upwardly mto the 

^ While .the present invention is directed primarily to 


passing more volatile iower molecular weight --^ 

carbon into the solvent solutionof aromatacs, fny J^ gW 10 is substantially pure 


molecular weight higher boiling non-aromatic hydro- 
carbon tends to be displaced from the. extract solution 
into the raffinate and be replaced by the : lower boiling . 
non-aromatic hydrocarbon. Thus, the .extract solution of 
arornatics in the polar solvent obtained from this ex-. 15 
traction has its non-aromatic content of hydrocarbon- 
composed substantially entirely of low boiling hydro- 
carbon. In operation of this extraction the low boiling hy- 
drocarbon will be selected to boil below the C 8 arornatics 


as the aromatic fraction produced is substantially pure 
arornatics, it is desirable, for over-all economy of the 
process, to separate C 6 and C 7 arornatics in separate pre- 
liminary distillations* and then separate a pure C* frac- 
tion from the residual C 9 and higher arornatics. For 
this nurpose the purely aromatic extract, after clay treat* 
ment to remove trace quantities of color forming im- 
purities, is fractionated to separate benzene first, then 
toluene and then fractionated to separate the C s tec- 


drocarbon will be selected to boil below the C 8 arornatics : h Q , bottomS> mn ^ Ms preliminary 

range, and, to aid in practical economical recovery o 20 ^.^ Q « ie . ^+ oyt ufider aaff0W bo51ing point 


other arornatics, even below the C 6 arornatics. The total 
hydrocarbon content is thereafter stripped from the solvent 
by distillation, both aromatic and non-aromatic hydro- 
carbon, and because of the substantial difference in boil 


fractionation is carried out under narrow boiling point 
range conditions, thereby to obtain a higher degree of 
purity for each of these C 6 and components. For 
instance, a benzene distillation column is used having 


carbon, and because of me substantial difference m boil- ~it ,5 « OF plates, preferably about 35 to 45 
ing points the more volatile lower ^Wf- * * ^Ld oSed^ ratio of at 


iJJg t-titr j-li^-c w ' * ~- — 

hydrocarbon may readily be separated from the arornatics. 
The low boiling hydrocarbon usually boils below 140 ° C, 
In a preferred procedure, a lower alkylene glycolether, 
such, as diethylene glycol or dipropylene glycol, and 


stages and operated with a minimum reflux ratio ot at 
least 1.3:1, preferably about 5 to 7:1, to remove the 
benzene. In such distillation benzene of 0,884 sp. gr. 
at 60° R with a distillation range of 0.5 to V C. and 


such, as diethylene glycol or ^propylene glycol, ana ™ *; " . of S3 to 5,45° C, is pro- 

usuaily mixtures with a small quantity of water are used 30 a freezing point m the range ot io , f 

as the selective polar type solvent .The solvent is^con- uu: — - 


as Uic actcvuvt, yvxn± i-jy^ ■ ™- r - 

tacted countercurrently with the feed in usual ratib ot 
30 to 5 parts, preferably 10 to 15 parts, of solvent to I 
part by volume of hydrocarbon feed to be extracted. 
Obviously any higher ratio could be used witti corre- 
sponding loss of economy in the process. Such solvent 
is preferred because it allows the extraction operations 
to be carried out at substantially raised temperatures 
and pressures for optimum efficiency. It allows easier 
separation of the hydrocarbon from the solvent, the 
more volatile non-aromatics by flashing, and the aro- 
rnatics in a subsequently applied semi-steam type of 
stripping with good heat economy. The pure arornatics 
are readily taken off of a stripping column as a side 


In a similar manner toluene- may be distilled from the 
- residue of the benzene distillation by distilling m a col- 
umn having more than 14 stages or plates, preferably 
35 from about 35 to 45 stages or plates, operated with a 
reflux ratio of at least 1.0:1, preferably from about 2.0 
to 4.0: h The toluene thereby produced^ as overhead 
may have a boiling point range of 0.5 to 1* C. and a sp. 
gr. at 60 * F. of 0.872. It will be apparent with these 
40 &ne distillations that both benzene and toluene may be 
recovered in a reagent grade of purity greatly enhancing 
the economy of this process. 

Either the total C 8 plus residue of the toluene distil- 
lation, or a C 5 fraction immediately distilled therefrom, 


are readily taken off of a stopping ««^w«« ™erdSstaied in a column of at least 150 stages or 
stream from an intermediate position of the W « ™ ««■ " ^ wh h a reBux ratio 


column with, any front end content of more volatile non- 
aromatic hydrocarbon passing overhead. 

It is preferred, for ready volatilization of the non- 
aromtks from the aromatic extact hydrocarbon, to use 
as non-aromatic displacement feed, a low volatile sub- 
stantia^ saturated lower paraffin hydrocrbon, predomi- 
nantly C s paraffins or a C 6 fraction which may contain 
minor quantities up to about 20% of C 4 and C$ paraf- 
fins, and as a typical C 5 fraction, the feed for displace- 
ment to the extractor will usnaliy contain some of both. 
Such low boiling non-aromatics after separation from 
the arornatics is recycled to the extractor for continu- 
ously displacing heavier non-aromatics from the extract 
into the rafgnate. The total non-aromatic recycle may 


plates, preferably 200-400 stages with a reBux ratio 
of at least 40:1, preferably 60-150:1 thereby to produce 
ethylbenzene as an overhead having at least the 99% 
purity as stated above, If the total C s plus residue is 
60 superdistilled, the bottoms residue" of that superdistil- 
Jation will consist of residual C 8 (mixed xylenes substan- 
tially free of ethylbenzene) and C & 4 arornatics. In 
this procedure the residue of such superdistillation con- 
55 sisting of xylene isomer and CH~ arornatics may be re- 
turned to a xylene distillation column from which the 
isomeric mixture of pure xylenes may be separated from 
the C s 4 hydrocarbon. 

As an alternate procedure the bottoms or residuum 


into the isfltaMte. The total non-aromatic recycle may distillation may be first distilled in a wide 

vary widely from about 1 to 20 volume P/rcent per ™ « ™ of «0* C. merely to separate in an or- 


volume of the extract solution, usually 1 to 5%. Since 
that volatile non-aromatic hydrocarbon distillate which, 
dissolves in the aromatic solvent solution may be re- 
covered simultaneously with the stripping of the aromat- ^ 
ics from the solvent in a stripping column, with the aro- 
rnatics taken oft as a side stream, the stripping in the 
column may be adjusted to take along with the non- 
aromatic overhead some 5-10% arornatics. Thereby 


boiling range of 4-10* C. merely to separate m an or- 
dinary distillation the C s arornatics from the C e + and, 
thereafter, this wide, 4-10* C t boiling range C s over- 
head fraction may be superdistilled . 

Within the limits of minimum distillation stages and 
reflux ratio stated for the superdistiilation, ethylbenzene 
may be separated from the C ft arornatics mixture, if the 
stable non-aromatic hydrocarbon content in the C 8 boil- 


aromatic overhead some 5-10% arornatics, mereoy MW \ 7"' 7t, " ' n l<« * _ 11T : tu rtf at i east 99% 

the side stream aromatic taken off from the column may T0 mg range is less *™™*>™^X£ thatt wiS 
. _.__x!_n.. iAA^ ^™ ^ m *tn» *<nA +hp. In nreferred ranges of conditions gives, mat is, wm 


comprise substantially 100% pure arornatics, and the 
small 5-10% quantity of arornatics taken overhead with 
the more volatile non-aromatics become recycled and 
continuously recovered with the extract in the extractor. 
In recycling of the low volatile substantially non-aro- 


In preferred ranges of conditions gives, that is, with 
more than 200 stages and a reflux ratio of more than 
60 to 1, the -ethylbenzene obtained has a purity of 
99.995%, 

75 The invention is further described with reference to 
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a specific embodiment illustrated in the drawings, where- 
in: 

Fig. 1 illustrates digrammatically a feed preparation 
section, 

Fig, 2 illustrates a catalytic dehydrogenation-aroma- 5 
tizer unit, 

Fig. 3 illustrates an extraction section, 

Fig. 4 illustrates a benzene, toluene and mixed xylene 
distillation unit, and 

Fig. 5 illustrates a snper-distillation unit to separate 10 
ethylbenzene. 

A raw feed stock to be ' catalytically dehydrogenated 
to form arornatics therein may be first separated into a 
naphtha boiling in the range of 100 to 400* F„ pref- 


and the remainder, is substantially paraifms. The i 
ing tablfe illustrates a useful range as well as a practical, 
preferred range of feed stock characteristics: 

TABLE G 
Feed stock to catalytic dehydrogenator 


Useful 


100-175 
160-20Q 

240-369 
285-400 

26-00 


Preferred 
Range 


lfiO-170 
.170- 190 
210-220 
240-250 ■ 
28E5r310 . 
43-55 

. 8^13 


Gravity, "API at 60° P__ 

Initial Boiling Pfc. t ° "F 

10%, 0 F u 

SDSL ° V. - — - 

OOC ° F- - 

End Pofeit, 0 F 

erabiy a narrower boiling point range high naphthene 15 vol. Percent Faramns„._,^ r 
naphtha of approximately Qr-C 9 hydrocarbon. Hie ^^^TSSSS^— 
formation of such feed stock is illustrated, in the feed . ' 

preparation section Fig. 1. For this purpose, a wider v^iur 
boiling range naphtha, which may be a virgin gasoline Of this feed stock, the hydrocarbon that tTO^lty 

or a re-run gasoline, preferably highly naphthemc or of SO forms the benzene m the /^^?_^Y™f^£ 
gasolines blended to include a substantial quantity of product boils m the range of 150-185 ±<., tne ayaro- 
naphthenic hydrocarbon, is drawn by pump 10 from Inlet carbon which forms toluene boils in the range^ o; i» 
line 12, and passed by way of line 14 and a heat to 226* F.; hydrocarbon which form ethylbenzene and 
exebanger 16, to a prefractionator column 18, in which isomeric xylenes boil in the range of 226-273 ana 
the more volatile ends boiling below 100° F., and usually 25 the hydrocarbon which forms CH- aromatics boils m 


below the desired initial boiling point feed stock, prefer- 
ably below the range of 140-1 7 5 ° F., are removed. These 
light volatile vapors pass overhead of the column 18 
through line 20, are cooled to condense a substantial 


the range of 273-400° F. For present purposes, to form 
ethylbenzene, it will be apparent that the feed stock 
has as its preferred components, naphthenic hydrocarbon 
boiling in the range of 22£ to 273° F. Thus, the feed 


portion to liquid in heat exchanger 22, and then are SO stock passing through line 68 m the feed preparation 
tr, ft »rnrp. r?-mm 1& from which uncondensed erases section, may have been adjusted to the boiling range or 

226 to 273° R, or the wider range feed stock sach -as 


sent to surge drum 24 from which uncondensed gases 
are removed through line 26, The condensed liquid is 
withdrawn through line 28 by pump 30, and part of 
the liquid is returned by way of line 32 to the top of the 


100 to 400* F., as described in the operation of Fig, 1 
may be used; or this wide boiling range stock may be 


prefractionator column 18 as .reflux, and the remaining 35 further enriched with naphthenic hydrocarbon bomngvm 
portion is sent to storage via a stabilizer (not shown) the range of. 226 to 273° F. It is accordingly possible 
through lice 34 not only to produce the high ethylbenzene content U s 

A portion of the prefractionator bottoms are with- aromatic fraction by catalytic dehydrogenation of a 
drawn through line 36, by pump 38 and sent to the selected feed stock, but also control the quantity ■ ana 
center of a charge splitter fractionating column 40, by 40 type of other aromatics mat may^ be produced Simula 
way of line 42. Another portion of the prefractionator taneously as by-product for enhancing over-all economy 
bottoms are withdrawn through line 44 by pump 46 and of the process by judicious enrichment of the teed stock 
passed through a reboiler 48 by way of line 50, and with desired boiling range naphthenic hydrocarbon, 
returned as a hot vaporous mixture to the bottom of . Referring to Fig. 2, the selected raw feed stock from 

45 line 68, under pressure of pump S$, passes through line 
9© together with hydrogen from line 102 supplied in' 
proportion of from 4-12 mols, preferably 6 to 8 mols, < 
of hydrogen per mol of hydrocarbon, through heat 

.„..,,„ ll± ... C(JU ^ MlJ1 „ UUU i ,. (f „ exchanger 100 to heater 104 by way of line 106, The 

head vapors are condensed to liquid by heat exchanger 60 heater 104 : heats the hydrocarbon, to the range of about 
56, passing to surge drum 53, from which jt is withdrawn £50-975? -F., preferably 910-930° F,, to a pressure of 
by pump 60 by way of line 62, and passed through line 200-500 p,s,ig„ preferably 420-460 p.s.i,g., |nd the 
64. The distillate in line 64 is divided, a portion being hot vaporous charge is passed by way of line IBS, to Use 
returned by ' way of line 66 to the top of the charge first reactor 110, in which the vaporized charge is con^ 
splitter column 40 as reflux, and the remainder sent 65 tected with a.dehydr^^ 
through line 68 as the desired raw feed stock to be 


the prefractionator column, by way of line 52. 

The charge splitter column 40 is operated to pass 
■overhead vapors by way of Hue 54 at a temperature 
boiling in the useful feed stock fraction range, that is, 
below the end point of about 400 p F r The desired over* 


fed to the catalytic dehydrogenation unit illustrated in 
Fig. 2, 

The charge splitter bottoms are withdrawn from, the 


The reaction is endothermlc, the charge being cooled 
substantially as the product becomes dehydrogenated to 
form aromatics. The vapors are withdrawn from the, 
bottom of. the reactor 110 through line . 112 and sent 


bottom of the column 40, a portion being drawn through 60 to reheater.114, returning after reheating to the desired 

reaction temperature to a second reactor 116, by way 
of line 118, The second stage reaction product with--- 
drawn from the bottom of reactor X16 is again passed 
to reheater 114, by way of line 120, and; returned after 
reheating to the top of the' third reactor 122, by way 
of line 124, trie third stage reaction mixture wiuV 
drawn from the bottom of reactor 122, is again heated 
in reheater 114, by way of line 126 and sent to tne fourth 
stage reactor 128, by vyay of line I3<K 

The fourth stage reaction mixture withdrawn from the 
bottom of reacter 128, by. way of line 132, is sent through, 
heat exchanger reboiler 134 and then through heat ex- 
changer 100, by way of line 136, is cooled, in a. second, 
heat exchanger 138 to condense liquids and sent to a ■ 
76 and liquid separator 140,- by way of line 142. A portion 


line 72, by pump 74, and sent through heat exchanger 
16, by way of line 76, and then through a cooler 78, 
finally passing out of the system, such as to storage, 
by way of line 88. Another portion of the bottoms 
drawn through line 70 by pump 82 is passed through 65 
reboiler 48, by way of line 84, and returned to the lower 
end oi charge splitter column 40 by way of Hue 86 as 
a hot vaporous mixture to effect the distillation in 
column 40, 

The charge formed passing through line 68 has been 70 
adjusted to the boiling point range of 100 to 400 & F., 
preferably a narrower range such as 150 to 3 JO 1 " F, It 
will contain at least 25% of naphthenes, preferably sub- 
stantially higher, up to about 60%, It may contain a 
few percent of aromatics, usually not more than 15%, 
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of the uncondensed vapors, mostly hydrogen, are with- 
drawn from the system through vapor Hue 144 and a re- 
maining portion sent to a compressor 146 by way of line 
148, to.recompress the gases, mostly hydrogen, to reac- 
tion pressure of about 200 to 500 p.sXg., preferably 420 
to 460 p.sJLg* T returning the same , to the raw, incoming 
feed, stock, passing through line 90, by way of line 162. 

The condensed liquid reaction product is withdrawn 
from separator 140, by way of lice 150 ? passing through 
heat exchanger 152 and thence, by way of line 154, is 
passed to an intermediate point in a stabilizer column 
156, In the stabilizer column, overhead vapors compris- 
ing volatile hydrocarbon boiling below the approximate 
range of 200 to 210* K, under a pressure of 150-200 
p.s.i.g. are taken of? through line 158, cooled substantial- 
ly to condense a substantial portion to liquid in cooler 
160, and then separated from uncondensed gases in the 
surge drum 162, the vapors being withdrawn through line 
164 by way of pressure regulating valve 163. The liquid 


JO 
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used as feed stock to the extractor. Since this catalytic 
dehydrogeoation produces such high ethylbenzene content 
in the C s aromatics, it is a preferred feed stock to the ex- 
tractor. 

The preferred extraction unit, here described , is de- 
signed for operation at raised temperatures, typically in 
the range of 220-325* F„ preferably in the range of 
280-300* K,-and pressure in the range of 80 to 135 
p.slg., preferably 125-130 p.sXg. Under these condi- 
tions the lower alkylene glycol ethers are the most use- 
fur solvents, and we use, typically, diethylene glycol or 
dipropylene glycol or mixtures thereof, with small quan- 
tities; up to about 12%, preferably 5 to 30%, of water. 
When other solvents are used the system may be operated 
at lower or higher temperatures variable with the physical, 
such as the boiling point characteristics of the particular 
solvent. 

In operation of such system, as illustrated in Fig, 3, 
the feed from storage, for example, the stabilized catalytic 


is withdrawn from surge drum 162 by pump 166, by way 20 dehydrogenated product obtained ^ illustrated I in i Fig. 2, 
of line 168, and a portion is sent to the top of the start- ^ useful ethvlbenzene containing feed stock as de- 


lizer column as reflux by way of line 170, and a portion 
is withdrawn as light overhead distillate and sent to 
storage by way of line 172. The aromatized bottoms 
from the stabilizer column 156 are withdrawn by way of 
line 174 T and a portion is sent by way of line 176 to re- 
boiler 134 and returned as a hot vaporous mixture to 
the bottom of the stabilizer column through line 178. 
The remaining portion of stabilizer bottoms from line 174 
are passed through heat exchanger 152 and then, after 
cooling in exchanger 180, are sent to storage by way of 
iine 182. 

In the catalytic dehydrogenation aromatlzer section 
25-60%, usually 45-53%, of the raw feed stock after 
stabilizing comprises aromatic hydrocarbon. The fol- 
lowing Table D illustrates a useful as well as a preferred 
range of operating conditions in the catalytic dehydro- 
genation section: 

TABLE D 

Operating conditions dehydrogenation section 


25 


30 


Equipment 


Xulct No. 1 Reactor. „ P 
Outlet No, J Rector-- 

la let No- 2 Henctor 

Outlet No. 2 Reactor.^ 
Inlet, No. 3 Reactor--,. 
Outlet No. 3 Reactor- - 
Inlet No. 4 Reactor — 
Outlet No. 4 Reactor. . 

Separator ■ 

StftbiU er Column: 

Top™, ■ 

Bottom ^. 


Temperature, * P. 


TJsefui 


Preferred 
Range 


800*976 

890- 975 
810-925 
830-975 
StO-925 
890-975 
810-950 
35-135 

190-550 
35(M50 


Pressure, p-SXg. 


010-930 
&10-S90 
SI0-9BO 
84S-870 
910-930 
875-5KJ5 
910-930 
890-920 
80-IGS 

200-210 
400-420 


Hydrogen to Hydrocarbon— Ratio-* — 
Yie" 


Yield; 


Total Debydrogenation Product, Weight 

Percent . . . J. r 

Hydrogen Gns, Weight Percent. 

StnlrfU-er O'bead Liquid, Wt. Pereent_„_ 
Stabiliser O'teead Gas, wt. Percent 


Useful 
Range 


200-500 


150-500 
100-450 


XOO-250 
100-250 


Preferred 
Range 


Useful 
Range . 


76-90 


5-12 
0,2-1.0 


70 


The catalytic dehydrogenation products obtained under 
the conditions set forth in Table B have the following 
characteristics after stabilizing. B,P. range 140-340° F., 
vol, percent paraffin 35-65, vol. percent naphthene 3-10, 
vol, percent aromatic 25-60. The ethylbenzene obtained 
from the C 6 aromatics contained therein ranges from 27 
to 34% of the C 8 fraction. As stated above, similar ethyl- 
benzene containing naphthas from other sources snay be 75 petted by a pump 213, 


or other useful ethylbenzene containing 3 
scribed, enters the extraction system through line 182 and 
is passed by pump 188, first through heat exchanger 187 
to preheat the feed to a desired extraction temperature, 
such as 280-300° F„ and thence, by way of line 186 to 
some preselected intermediate level of the extractor 184, 
such as through pipes 190, 192 or 194, -and at a pressure 
such as from -about 125 to 130 p>s±g, at which the sys- 
tem Is operating. 

Hot solvent at a similar temperature and pressure 
enters the top of extractor 184 through line 196 in pre- 
ferred ratio of about 10-15 parts of solvent to -about i 
of hydrocarbon feed. Simultaneously a light hydrocar- 
bon reflux, typically a paramnie refinery cut, is supplied to 
3.6 the bottom of the extractor 184 through line 202, the C 5 
hydrocarbon being generally obtained as recycle from the 
stripper as explained further below. That paraffinic re- 
cycle in line 202 is supplied at about VA to of the 
solvent rate. The solvent and mostly dissolved aromatic 
4? hydrocarbon, with some lesser quantity of non-aromatic 
components, descend through the column as the extrac- 
tion proceeds, so that an aromatic rich solvent solution 
concentrates at the bottom of the extractor 134, and an 
aroraatics poor raffinate hydrocarbon ascends to the top 
of the extractor 184. The aromatics rich solvent ^solu- 
tion is continuously washed by the light parafBnic C 5 
hydrocarbon recycle from line 202, which tends to dis- 
place f rom the extract solution as a continuous wash, the 
heavier non-aromatics dissolved therein, replacing the 
same with the lighter C 5 hydrocarbon. Thus, the extract 
solution withdrawn from the extractor 184 through line 
198 from which higher boiling non-aromatic hydrocar- 
bon has been replaced by the lighter C5 non-aromatic hy- 
drocarbon of the recycle is substantially aromatic. The 
raffinate, as produced in (he extraction, and taken off over- 
head through line 200, contains some of the undissolved 
recycle C 5 hydrocarbon together with the heavier dis- 
placed non-aromatic hydrocarbon from the extract, as 
well as the unextracted hydrocarbon remaining after con- 
tact of the raw feed with the solvent. That rafrinate may 
further contain a small quantity of unextracted aromatic 
hydrocarbon. 

The rafrinate in line 200 is passed to a point near the 
bottom of water wash column 204, and the rafrinate hy- 
0.2-KO 65 drocarbon introduced therein rises countercurrently to a 
supply of wash water introduced near the top of the 
colum 204 by way of line 206, The washed rafrinate 5s 
withdrawn from a point near the top of column 204 
through line 208 and sent to rafrinate storage after cool- 
ing in a heat exchanger 210. The wash water, together 
with small quantities of solvent removed from the raf- 
f mate, after descending to the bottom of the water wash 
column 204, is withdrawn through line 212, and sent to 
the top of -an aromatics extract wash column 248, as in> 


45 


50 


320-380 
300-3SD 


120-200 
120-200 


55 


Prewired 
Range 


60 


80-<99 
4-6 


13 


2,959,630 


The hot aromatics rick extract solution in the solvent, 
withdrawn from the bottom of extractor 184 through 
line 198, is first cooled to the range of 215-250°. K, pref- 
erably 225-240 * in heat exchanger 220, and then sent 
by way of line 218 to a point near the top of a solvent 
stripper section 216 by way of pressure reducing valve 
215, In the solvent stripper 216, by reduction of pres- 
sures to below about 50 p,si,g,» preferably to about 10- 
20 p.s.i.g,, the volatile non-aromatic hydrocarbon (dis- 
solved C 5 paraffin) components flash overhead as vapors 
through line 220, and the unvolatilized solvent solution 
of aromatics collecting in the bottom of the hashing sec- 
tion 216, are transferred by way of a float controlled 
valve 219 through line 221 to a point near the top of a 
solvent stripper section 217. 

In the solvent stripper section 217 all of the aromatics 
and any of the residual non-aromatics which were not 
removed in the Sashing applied in Bashing section 216 T 
are stripped from the bottom of the solvent stripper, a 
portion of the steam being obtained through line 238 by 
distillation in heat exchanger 220, and another portion 
from rebelled solvent heated in the boiler 234, and re- 
turned to the bottom of the stripper through line 236. 
Thus, the stripping in effect, is a semi-steam type strip- 
ping, obtained by passage of steam into the bottom of 
the stripper. At the top of the stripper any of the more 
volatile residual generally non-aromatic C 6 hydrocarbon 
is first vaporized and then passed overhead through line 
223. Some of the more volatile aromatics are also 
allowed to pass overhead together with a substantial quan- 
tity of steam through line 223, and that overhead product 
in line 223 is rejoined with the non-aromatic hydrocarbon 
passing through line 220 as originally flashed from the 
solvent solution, and both components are cooled in heat 
exchanger 222 to condense them to liquid and passed to 
accumulator 224* 

Since the non-aromatic hydrocarbons are the most vol- 
atile they are efficiently removed from the top of the 
column through line 223 together with about 5-10% of 
the most volatile aromatics, and the substantially 100% 
pure aromatic streams may be taken off of the stripper 
column 217 as a side stream through hue 226, together 
with some steam. This mixture is cooled in heat ex- 
changer 22S to condense the aromatics to liquid and 
passed to accumulator 230 together with small quantities 
of steam condensed to water therewith, 

A portion of the solvent accumulating in the bottom of 
the stripper is withdrawn through line 232, passed to re- 
boiler 234 and returned as a vaporous mixture to the bot- 
tom of the column through line 236 to supply the heat 
for stripping, and concentrate the solvent to contain the 
desired quantity of water. The remainder of the solvent 
is continuously withdrawn from the bottom of the strip- 
per through line 196 by pump 214 and returned to the top 
of the extractor. 

The accumulator tame 230, in which the stripped aro- 
matics are collected, has the aromatics withdrawn there- 
from by a take-off pipe 244, which passes the accumu- 
lated aromatics by way of line 250, as impelled by pump 
246, to a point near the bottom of a water wash column 
248, The aromatic hydrocarbon rises countercurrently in 
column 248 to water supplied to a point near the top 
thereof from line 212. The washed aromatics are with- 
drawn from the top of the water wash column 248 
through line 254 for further processing as illustrated in 
_ Fig. 4. 

Some water accumulating in a sump below the bottom 
of accumulator 224 is withdrawn through line 240 and 
sent to line 238 and returned to stripper 217 after first 
being vaporized to steam in exchanger 220, thereby fur- 
' nishing additional steam for the semi-steam stripping 
operation. 

The volatile hydrocarbon flashed overhead in flash 
column 216 and overhead from the top of stripping col- 
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Q hydrocarbon with about 5-10% of more volatile aro- 
matics, is removed from accumulator 224 from pump 
242, and passed as continuous recycle to the bottom of 
the extractor 184 by way of line 202, From time to time 

5 additional paraflnic C$ hydrocarbon may be supplied to 
the system by way of line 259 to pass the same into 
line 202 as needed. 

Any excess water or deficiency of water is withdrawn, 
or supplied to the system by way of line 256 connecting 

10 with line 238, Wash water accumulated in the bottom of 
wash column 248 is withdrawn from the system by way 
of line 257. 

The useful range as well as preferred operating char- 
acteristics of the solvent extraction system, illustrated in. 
15 Fig. 3, are summarized in Table E: 

TABLE E 

Operating conditions of glycol ether extraction system 


20 


25 


30 


35 


Extractor Temperature, * F I 

Extractor Pressure, p.s.i.K 

Stripper Bottom Temperature, * „— 

Stripper Top Temperature, 0 P 

Stripper Plastt Pressure, - 

Stripper Bottom Pressure, p.s.i.g. _ 

Clay Tower Inlet Temp., ° F„ 

COay Tower Inlet Pressure, p,s J.g ^ — — 

Clay Tower Outlet Pressure, p.s.i.g 

Becyole composition: 

O* Paramo — « „ — 

Cs Paraffin^ _ _ 

C< paraffin_„__„„ — 

AromciUe.,-. 

Solvent Composition: 

Wt. Percent Water 

Wt. Percent Dletbylene giycoL^^~„ 

. Wt* Percent Dfpropylene glycol,,. 

5ta£5nate; 

Gravity, °APt at 00° P; ^ 

Voiume Percent Paraffins 

Volume Percent Naphtbenes 

Volume Percent Aromatics 


Useful 
Range 


80-136 
250-325 
215-250 
G~50 

100-225 
90-200 

70-100 
0-20 
0-20 
0-10 

2-12 
65-SS 
G-3& 

67-73 

2-12 
0-10 


Preferred 
Range ' 


E$0~30Q 
125-^130 
2SD-30G 
225-240 
10-20 

425 
160-200 
130-170 

75-90 
1-10 
1-10 

5- 10 

6- 10 
08-05 

0-26 

67-73 
8&»96 
0-6 
0-3 


40 


Referring to Fig. 4, washed solvent free aromatic ex- 
tract passing through line 254, with or without Interme- 
diate storage, is preheated to heat exchanger 2<S0 and fur- 
ther heated by heater 262 and sent through a day treat- 
46 ing tower 264 to remove slight quantities of impurities 
such as traces of color forming bodies. The clay treated 
extract leaves the clay tower through line 266 and, after 
passing through heat exchanger 260, is sent to a benzene 
distillation column 26$. The benzene vapors passing 
overhead through line 270 are cooled in condenser 272. 
The condensate accumulates in the surge drum 274 from 
which it is withdrawn by pump 276, by way of line 27$, 
and a large portion is returned to the top of the column 
through line 280 as reflux,, aud a product portion is with- 
drawn to storage as benzene by way of line 282, For 
production of reagent grade ^benzene 7 a column of at least 
12, preferably 35 to 45 stages or plates are used with a 
minimum reflux ratio of "135:1, preferably 5 to 7:1 is 
used, whereby benzene of a purity of 0.5-1° C. boiling 
range may be obtained. The benzene distillation column 
bottoms are withdrawn through line 284 t a portion being 
passed to reboiter 286, and returned to the still after 
heating through line 288, and a portion sent through line 
290, as impelled by a pump 292 and passed to a toluene 
65 distillation column 294. 

Hie overhead vapors of the toluene column 294, pass- 
ing through line 296 are condensed by condenser 298 and 
accumulated in surge dram 300, A portion of the con- 
densate withdrawn through line 302 by pump 304 is' re- 
70 turned to the top of column 294 through line 306 as 
reflux, and a portion of the toluene product is sent to 
storage through line 308. Again, by maintaining a mini- 
mum reflux ratio of L0:1, preferably 2.0-4.0:1, and us- 


60 


55 


60 


. _ K _.. _ ing a .column of. at least 14, preferably. 35 to 45 stages or 

umn 217, by way of line 220 and 223 to comprise mostly ?<S plates, a nitration grade toluene having a distillation 
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range of .1 0 C. or less may be produced. The toluene 
column 294 bottoms, withdrawn through line 310 has 
portion passed to reboiler 3X2 and returned to the column 
through line 314 and a portion is sent to a.X;fte-ne distilla- 
tion column 3X6, by way of Hue 3X8; or alternatively is 
sent by way of by-pass line 319 directly to superdistaia- 
tion of Fig. 5 described below. 

The C B vapors taken overhead through line 320 from 
the column 316 in a temperature range of 130 to 140* C 


344 wherein the temperate© is .raised usually surMent 
to volatilize some of the Ca arorriatics at any positive 
feed pressure established by pump 346 to overcome the 
head pressure of the column at the selected point of 
entry. Upon heaving the heat exchanger 344 t the raw 
feed may be passed to' ztfy several points of either of 
the distillation columns" 348 or 358, by way of line 35£>, 
such as to the bottom oi the column 348 by way of hue 
354, to a higher intermediate point through line 350, to 


the column 316 in a temperature range or. to ^ u< Z ^ZJ***** «f rnhimn 348 or it mav be 

are condensed by cotter ™!™S^J*?*£ M as * *AtX£5£ Sff5£ 


drum 324, of which a portion is returned by pump 326 
to the top of the column 316 by way of line 328 as reflux, 
and a portion is sent , to the superfracttonatiori column 
Fig, 5 via storage. The C & bottoms, withdrawn from 


passed to the center or top of the first column 3^8 of the 
series, through line 351 or 3S3, 

The sopenUstfflation in total is effected m a plurality 
of two, three or more columns, shown here as three 


a portion passed through reboiler 334, from which a 
vaporous mixture is returned through line 336, and a por- 
tion is sent by pump 3&S to C§-f- bottoms storage by 
way of line 340 after cooling in exchanger 342; 'the 


such as 200 to 400 plates as preferred, and dividing the 
same into three columns. Each column as shown, wiD 
preferably have from 66 to about 134 plates or stages. 
The vapors passing overhead from column 358 are n> 


stages or plates, operating at a remrx ratio of at least 
0A5:h preferably 03 to 0,5:1. In this C 8 product dis- 
tillation, the overhead product has a distillation range of 
about 4-10* C 


by way of line 362, and the vapors passing overhead from 
colum 348 are introduced to the bottom of the column 
360 by way of line 364, Simultaneously, the liquid col- 
lected as bottoms in column 360 is returned to a point 


Xtoverhe.d, wH ep opera** 6. the m~*m* 2> *E^#&Ut&S& *°Lt"of 


feed stock to the catalytic dehydrogenator , as defined in 
"Table C" above will comprise about 0-40% toluene, 
about 27-34% ethylbenzene and the remainder, mixed 
xylene isomers, of which the metaxylerie Is present in 


366, as impelled by pump 368. The liquid bottoms of 
column 348 is returned to a point near the top of column 
35S by way of line 370, as impelled by pump 372. In 
this manner one continuous distillation is eSected as 


xylene isomers, of which the metaxylene is present ra mis » ™L™te«Su JZ each bavins from 66 
predominant portion, about" twice that of ^«J* 30 f^S^^ of 


other xylenes, the para and ortho being in about equal 
quantities. The mixed C 8 overhead, passed to the ethyl- 
benzene recovery section shown in Fig, 5, is substantially 
100% aromatic and usually contains less than 0.05% 


to 134 plates, whereby the net distilling effect is that oE 
a single column having over 150 and preferably over 200 

pl3 The overhead vapors leaving still 360 by way of line 


100% aromatic and usually contains less than <M»% *v* y*™: -^denser preferably an air 

non— ic ? , well below the critical 0**^™* 35 ^ J^*** a %^S iS**? ™*» 


raw feed stock enters the ethylbenzene recovery system m 
Fig, 5 through line 330 either directly as leaving the 
xylene column of Fig, 4 or after intermediate storage. 

In an alternate procedure the ethylbenzene may be re- 
moved directly by superdistilling the bottoms fol- 
lowing toluene removal in column 294. Small quantities 
Of toluene boiling much lower than the C 3 aiomatfes do 
not interfere with the separation and can be tolerated in 
reasonable quantities. As being substantially more vol- 
atile than either ethylbehJtene or styrene, it is simply dis- 
tilled from the ethylbenzene or a subsequent mixture with 
styrene. In fact, in the direct dehydrogenation of the 
ethylbenzene produced, some toluene is usually produced 
with the styrene so that toluene may be removed even 


cooled condenser and to a surge drum 378. Any uncoil- 
densed vapors are vented by way of line 380 to a heat 
exchanger 382 to condense more of the vapors, the cooled 
liquid and vapor mixture being passed through a vent 
40 separator 384 to separate uncondensed vapors/ the con- 
densate being returned by way of Hue 386 to the surge 
drum 378, Accordingly, the surge drum 378 combined 
with the vapor condensing unit 382, operates as a reflux- 
ing condenser to condense vapors for the surge drum and 
45 return the same as condensed liquid to the drum 378 
in relatively small quantities, whereby the liquified dis- 
tillate in drum 378 is maintained as liquid, but only 
slightly below its baling point. The hot liquid is with- 
drawn from the drum 378 by pump 388 by way of hue 

, r » > f -, , 1 C ->.— .H1*J 


With the styrene so that toluene may oe removea even drawn ^ "T^ ^/wT in frt l Tjreferablv 

at the later stage, such as when separating undehydro- m S90 and a large portion at least 40 to 1, 
Z ™:J ^uJu±' JxnW^A ^ ft fn the stvrene to 150: 1 of the hot liquid is returned to the top of 


genated ethylbenzene admixed with styrene in the styrene 
production. Generally, when operating the toluene col* 
unm within the preferred limits above stated^ the C a -(- 
fraction removed from the bottom thereof wi!l not con 


iltU-UUJi i.1 \Jlll <-ii\~- ijwtwtij v»»^*~^* " ~ ™ 

tain more than 1-2% of toluene. Of course, a wider range 55 of line 398 


zyv ana a miss — — " *. * ■ I 

to 150-1 of the hot liquid is returned to the top of me 
final distillation column 360 by way of line 392 as re- 
flux, and a portion passes by way of line. 394, through 
cooler 3$6, and thence to ethylbenzene storage by way 


toluene can be distilled from the toluene column, thereby 
removing all of the toluene from the C 8 + residue* but it 
is preferred to operate the toluene column to produce a 
pure toluene product as described, leaving a few percent 
of toluene in the C B plus bottoms, Tt is possible, accord- 
ingly, in an alternate procedure to pass the Ce4- bottoms, 
•directly from the toluene column by way of line 319 to 
the superdistillation unit of Fig. 5; and the residual C fi 
xylene isomers together with bottoms from that super- 


The liquid bottoms from the first column 358 are with- 
drawn through line 400 as impelled by pump 402, and 
a portion passes by way of line 404 through tag ex- 
changer 344 and, after cooling further in cooler 406, is 
60 withdrawn by way of line 408, Another portion of the 
bottoms of column 358 in line 404 « passed hrough 
.line 410 and thence into a reboiler 412 and the hot 
vaporous reboiler mixture is returned to the lower end 
of still 358. by way of line 414. In operation of this sec^ 


xylene isomers together with bottoms trom mat super- 0 f still 358, by way ox line***,- yj — re- 
distillation, may be returned by way of line 409 as feed 6 5 tion, the heated charge introduced to a selected I point oi 
i n£ Tr-k^f -PnoA ^rxntw-n* G«tb^T»'- tu* r^inmriR. such as the mio*pomt or column 


to the xylene column 316 That feed contains substan- 
tially no etbyibenzene, whereby the column 316 removed 
■only the mixed xylene from the CH* hydrocarbon. 
When operating in this manner the xylene as net over- 


one of the columns, such as the mid-pomt of column 
348 under pressure of pump 346, after mixture with va~ 
nors also introduced to the -bottom from Jme 362 pro- 
duced by reboiler 412, v/iH produce liquid bottoms m lme 


When operating in this manner tne xyaene as net over- auceu oy reoi»«* 7 7^1 "f column 358 as re- 


■sent bv way of line 331 to mixed xylene storage . 

As sho\vn in Fig, 5 the C 8 > or C 6 + fraction, respec- 
-lively obtained either from lines 330 or 319, depending 
upon whether the feed is after or before distillation in 


flux. The bottoms of column 353 after -being rebo^ed 
in boiier 4*2 are returned to the bottom of column 358 
as a vaporous mixture at a. temperature sufficient to 
volatilize ethylbenzene. The liquid at the bottom of col- 


upon whether the feed is after or before distillation m voiatmze *ra y ™u««« ^Zr-lT ~nm^ to the top of 
.xylene column 316, h sent first through heat exchanger <U umn 360 in similar manner ts pumped to the top or 
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Column 348 by pump 368. Finally the hot condensed'* 
Overhead Is returned In part to the top of column 360 
according to the critical reflux ratio exceeding 40; 1. 

Where the raw feed enters the system of Fig. 5 by way 
of line 330 after removal of C 0 -h bottoms in column .5 
316, the bottoms product in line 408 consists of mixed 
xylenes and may be sent to storage as relatively pure 
xylenes, Where the feed enters through line 319 as the 
bottoms product of the toluene column 294, then the 


is catalytically dehydrogenated as' illustrated In Fig, .2: 
at an average inlet temperature of 930 B F,'and a pres-. ; . 
sure of 445 p,s.i,g* with a hydrogen to hydrocarbon 
ratio of 8.0 to L It was continuously reheated m pas- 
sage through the series of reactors to the initial tempera- , 
ture and had a final outlet temperature of 905° JF. at a= 
pressure of 334 p,si.g. The yield was 86%, the balance 
being light overhead liquid gases and hydrogen. The 
product comprises 59.5% aromatics, 8% napthenes and 


product in line 408 is returned to the xylene column 316 10 the balance paraffins. The extracted aromatics as illus- 


by way of Hue 409 to separate pure mixed xylenes as 
overhead from the C & 4~» which are then sent to storage 
by way of line 331, 

The following examples illustrate the practice of this 
invention: 

■ Example L — A naphthenic feed stock is stabilised as 
described by Fig, 1 to a boiling point range of 156- 
300* R The stock has a 10% boiling point of ISO* K, 
a 50% boiling point of 212° F, and a 90% boiling 


trated in Fig. 3 after removal of benzene and toluene 
to form a 5 4 C boiling point range Cg aromatics frac~ : 
tion was superdistilled with a yield of 33% of ethyl-: 
benzene having a purity of 99,992% based upon the C& 
15 aromatics after removal of toluene. 

Example IlL — The method of Example I was repeated' 
under exactly the same conditions except that the feed; 
stock to the extraction unit consisted of a virgin gasoline 
fraction obtained from an aromatic base oil having a 


point of 244* R and produces 50% over at 212° R, 20 boiling point range of 3.40-340* R The _ ethylbenzene. 


the naphtha analyzing 48% paraffins, 42% naphthenes 
of which 31% boiled above 226* F„ and 10% aromatics. 
It is passed to a first reactor of a series of four con- 
taining platinum suspended on a carrier at a tempera- 
ture of 915* F. and pressure of 430 p,sJ,g, with a by- 25 
drogen to hydrocarbon ratio of 7.5 to 1 molar. It was 
continuously reheated in passage through the series of 
reactors, each time to the initial temperature of 915° F., 
the final outlet temperature being 895° F. and the pres 


obtained in the final superdistillation consisted of 15 %_ 
of the total C 8 aromatics fed to the still, and after further; 
removal of the toluene, the ethylbenzene had a purity- 
of 99395%. . , . 

Example IV. — The conditions of Example X were re- 
peated using as feed stock a cracked gasoline reacted at 
850° F. in two passes over an alumina catalyst, It was- 
fractionated to the same boiling point range as in Ex*, 
ample II and extracted, all conditions being the same 


sure 325 p.sXg. It was stabilized in the stabilizer as 3 & throughout as in Example L 13% of the C s fraction fed 


illustrated in Fig. 2, the top temperature being maintained 
at 205 ° F, and the bottom at 415° F. at a pressure of 
160 p.sig. The total catalytic dehydrogenation product 
yield was 87,5% together with 5 weight percent hydro- 
gen gas and 7,5 percent of gas and liquid stabilizer over- 
head* The product comprised 45% paraffins, 6% 
naphthene, and 49% aromatics. It was sent to an ex- 
tractor system illustrated in Fig. 3> operating in a ratio 
of . 12 parts of solvent to 1 part of hydrocarbon feed 


to a suiperdistillation unit was recovered as ethylbenzene 
having a purity of 99,990% after further removal of 
toluene. 

Thus, as herein set forth In detail, ethylbenzene. may 
35 be commercially obtained from aromatized, preferably a 
catalytically dehydrogenated naphtha having .at least 
25% naphthene content in the raw feed 'Stock, .using a. 
ratio of at least 4 to 12 times the hydrocarbon content of 
hydrogen to produce an aromatized product containing 


with a recycle of 0.35 part of recycle consisting of 90 40 from .40-60% aromatics. The C s aromatic fraction wall 


vol. percent C 5 paraffin, 7 vol, percent aromatics* 1 vol. 
percent C 4 paraffin and 2 vol, percent C 6 paraffin. The 
solvent composition consisted of 7% water, 73% di« 
ethylene glycol and 20% dipropylene glycol by volume. 
The raSmate composition was 85% paraffin, 9% naph- 
thene and -6% aromatics. The stripped aromatics was 
washed with water and clay treated at 425° F, It was 
then distilled in a benzene column having 40 plates op- 
erating at a reflux ratio of 7 to 1 to produce benzene 


contain at least 15% of ethylbenzene which can be re- 
covered in a superdistillation applied in a still comprising 
over 150 plates at a refiux jatlo exceeding 40:1, provid-. 
ing the Cg aromatic feed is substantially free of stable. 
45 non-aromatic hydrocarbon boiling in the range of 130 to 
140° CX Such pure aromatic fraction becomes practi- 
cally available by extraction wherein the critical non-. 
aromatics boiling in this range are displaced by lower, 
boiling non-aromatics. The high content of ethylbenzene- 


having a distillation range of 0.7* C„ a freezing point 60 *? th f ?» ^ ac t *j 011 obtained from catalytic debydrogen* 


of 5.39* C. and sp, gr, at 60° F. of 0,884. The bot- 
toms of the benzene distillation were distilled in a toluene 
column having a reflux ratio of 2.7 to 1 to produce 


tion is in itself surprising since neither virgin gasolines 
or other catalytic naphthas generally contain such high' 
quantities of ethylbenzene among the C a aromatics as 
become available following the specific procedure set 


toluene having a distillation range of 0,8 ■ C. and sp, gr. R « f T? ayauapie rouowmg me spt 
at 60* F, of 0,872. The bottoms of the toluene column forth herem ' wMe etiiyibeaaane may be distilled 


from a xylene mixture therewith from any source in the 
superdistillation hereof, providing the mixture is , first 
freed of any stable non-aromatic hydrocarbon ' exceeding 
0,3 weight percent 'thereof, the production at ethylben- 
60 zene following the preferred aromatizing procedure 
hereof forms a raw material which contains unusually 
large economically recoverable quantities. 
Thus, any virgin or catalytic naphtha having an eco- 


were sent to a xylene column having 30 plates operat- 
ing at a reflux ratio of 0.4 to 1 to produce mixed C 8 
aromatics having a boiling point range of 6° C, The 
C 8 aromatics fraction taken overhead analyzed 1,5% 
toluene, 28.8% ethylbenzene, 16,0% p-xyiene, 37,3% 
m-xylene and 16,4% o-xylene by weight with no analyz- 
able quantity of non-aromatic hydrocarbon boiling in the 

range of 130-140° F. The Q fraction was then sent . ,., t r , „ 

to a three column still for superdistillation as illustrated 65 comically recoverable quantity of ethylbenzene may after 
m Fig. 5, each column having 130 plates or a total of 390, removing substantially all of the non-aromatics and form- 
ing a mixed C & aromatics fraction containing the ethyl- 
benzene, have the ethylbenzene separated by this super- 
distillation. Similarly, aromatizing procedures' other 
than one using a platinum type catalyst, may be used 
providing the aromatization is performed upon a highly 
naphthenic feed stock, whereby to produce substantial 
quantities of ethylbenzene in the C B fraction. 

Various modifications will occur to those skilled in the 


and distilled at a reflux ratio of 87 to 1. The over- 
head product consisted of pure ethylbenzene containing 
4,5% toluene. That toluene did not need to be removed, 
but the product was directly useful for styrene produc- 
tion. In a further distillation merely to remove toluene, 
the residual ethylbenzene recovered was 99.995% pure, 
Example Ih — A naphthenic feed stock is adjusted to 
a boiling range of 226-273* F, and analyzed to contain 


70 


5.8% naphthenes, 1% aromatics and 35% paraSSns, It 75 art and accordingly, it is intended that the description 
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herein given be regarded as illustrative and not limiting 
except as denned in the claims appending hereto. 
We claim: 

1. The method of separating ethylbenzene from a mix- 
ture with xylene isomers contained in a hydrocarbon mix- 5 
ture which contains other hydrocarbon components com- 
prising first forming of said hydrocarbon mixture a 
concentrate fraction of said C 5 hydrocarbons from which 
the stable non-aromatic hydrocarbons boiling in the 
range of 130 to 140* G. contained in said fraction in 10 
quantity greater than 0.3% have been removed, and then 
snperdistilling the ethylbenzene from said fraction in a 
distillation column having at least ISO distillation stages 
at a reflux ratio exceeding 40 : 1 . 

2. The method of separating ethylbenzene from a mix- 15 
ture 'with xylene isomers contained in a predominantly 
C s hydrocarbon fraction comprising first removing stable 
non-aromatic hydrocarbons boiling in the range of 130 
to 140° C. contained m said fraction in quantity greater 
than 0.3% and then superdistiliing the ethylbenzene from 
said C B fraction in a distillation column having from 
about 200 to 400 distillation stages at a reflux ratio in 
the range of 60-150:1. 

3. The method of recovering ethylbenzene contained 
in a petroleum hydrocarbon naphtha together with other 
aromatic hydrocarbons, comprising extracting the aro- 
matic hydrocarbon in said naphtha to produce an aro- 
matic extract containing less than 0,3% of stable non- 
aromatic hydrocarbons thereiln, distilling said aromatic 
extract to remove C$ and Or aromatic hydrocarbons and 
produce a C&-\- fraction containing ethylbenzene arid then 
superdistiliing the ethylbenzene from said C 8 -f fraction 
in a distillation column having at least 150 distillation 
stages at a reflux ratio exceeding 40:1. 

4. The method of recovering ethylbenzene contained 
in a petroleum hydrocarbon naphtha together with other 
aromatic hydrocarbons comprising extracting said naph- 
tha with a polar solvent having a preferential solubility 
for aromatic hydrocarbon to form a hydrocarbon solu- 
tion in said polar solvent In which the aromatic hydro- 
carbons are predominant, washing said solution with a 
liquid hydrocarbon having a boiling point range lower 
than -said aromatic hydrocarbon and having a solubility 
in said solvent greater than the higher boiling non-aro- 
matic hydrocarbon components dissolved in said solvent, 
thereby displacing said higher boiling non-aromatic hy- 
drocarbons from said solution, separating the aromatic 
hydrocarbon from other components of said solution by 
distillation, distilling from said aromatic hydrocarbon 
mixture a C a aromatics fraction having less than 0.3% 
of stable non-aromatic hydrocarbon therein and then 
superdistiliing said C e aromatic fraction to separate ethyl- 
benzene from other C s aromatics in a distillation column 
having at least 150 distillation stages at a reflux ratio 
exceeding 40:1. 

5. The method of producing ethylbenzene comprising 
catalytically dehydrogenating a petroleum naphtha rich 
in hydrocarbons having a boiling point in the approxi- 
mate xange of 226-273° F, and comprising at least 25% 
naphthene hydrocarbon to form a naphtha containing 
40 to. 60% of aromatics^ extracting the aromatic hydro- 
carbon from said naphtha under conditions to substan- 
tially exclude- non-aromatic hydrocarbons exceeding 0.3 
volume percent thereof, fractionating the aromatic ex- 
tract to produce aQ+ fraction and then superdistilling 
said fraction in a still having at least 150 distillation 
stages at a reflux ratio exceeding 40:1 to separate a dis- 
tillate comprising ethylbenzene containing less than 1% 
of stable hydrocarbon impurity boiling in the range of 
130 to 140° a 

6. The method of producing ethylbenzene comprising 
catalytically dehydrogenating a high naphtheue petro- 
leum naphtha boiling in the range of 100-400° F, at a 
temperature in the range of 890-975° R and a pressure 
of 200-5 GO p.sXg. in the presence of 4 to 12 mois of 
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hydrogen per mo! of hydrocarbon to produce a 'dehydro- 
genation product containing 40-60% of aromatic hydro- 
carbon, extracting said naphtha with a polar solvent hav- 
ing a preferential solubility for aromatic hydrocarbon 
to form a' -hydrocarbon solution in said polar solvent in 
which the aromatic hydrocarbons predominate, washing 
said solution with a liquid hydrocarbon having a boiling 
point range lower than said aromatic hydrocarbon and- 
having a solubility in said solvent greater than the higher 
boiling non-aromatic hydrocarbon components dissolved 
in said solvent, thereby .displacing said higher boiling non- 
aromatic hydrocarbons from said solution, separating the 
aromatic hyijrocarbon from the other components of said 
solution by .distillation, distilling from the aromatic hy- 
drocarbon mixture a C s -f- aromatics fraction having less- 
than 0.3% of stable nonraromatic hydrocarbon therein 
and- then superdistiliing said C s -J- aromatic fraction to 
separate ethylbenzene from other C& aromatic hydro- 
carbons in a distillation column having at least 150 dis- 
20 tiHatfon stages at a reflux ratio exceeding 40 :L 

7. The method of producing ethylbenzene of styrene 
grade of- purity comprising aromatizing a petroleum 
naphtha to produce an aromatic conversion product con- 
taming at least 20 percent of ethylbenzene in the C ft 

25 aromatic components, extracting the aromatic hydrocar- 
bon from the aromatic conversion product by solvent 
extraction with a relatively polar solvent in a manner to 
produce an aromatic extract containing not more than 
0.3% of non-aromatic hydrocarbons therein, fractionat- 
80 ing the extract to produce a C«-h fraction and superdis- 
tiliing said Ca+ fraction in a still comprising over 300 
distillation stages at a reflux ratio in the range of 60 to 
80; 1 to separate an ethylbenzene containing less than^ 1 
percent of stable non-aromatic hydrocarbon impurity boil- 
35 hug in the range of 130 to 140* CX 

8. The method of producing ethylbenzene comprising 
catalytically dehydrogenating petroleum naphtha boiling 
in the range of 100-400 * F, and containing at least 25% 
of naphthenes boiling in the range of 226-273* F* at a 

40 temperature in the range of 910-930° F, and a pressure 
of 420-460 p.sJ.g. in the presence of 6 to 8 mols of hy- 
drogen per mo! of hydrocarbon to produce a dehydro- 
genation product containing 40-60% aromatics, extract- 
ing said naphtha with a polar solvent having a preferen- 
45 tial solubility for aromatic hydrocarbon to form a hydro- 
carbon solution in said polar solvent in which the aro- 
matic hydrocarbons predominate, washing said solution 
with -a liquid hydrocarbon having a boiling point range 
lower than said aromatic hydrocarbon and having a soltir 
60 biiity in said solvent greater than the higher boiling non- 
aromatic hydrocarbon components dissolved in said sol-? 
vent, thereby displacing said higher boiling non-aromatic 
hydrocarbons from said solution, separating the aromatic 
hydrocarbon from said other components .of said solu- 
65 tion by distillation, distilling from the aromatic hydro- 
carbon mixture a C B + aromatics fraction having less than 
03% of stable noa-aromatic hydrocarbon therein and 
then superdistiliing said Cg-|- aromatic fraction to sepa- 
rate ethylbenzene from other C s aromatics in a distill a- 
60 lion column having from 20Q to 400 distillation stages 
at a reflux ratio in the range of 60-150: I* 

9. The method of producing ethylbenzene and other 
aromatic hydrocarbons in a high degree of purity, com- 
prising catalytically dehydrogenating a petroleum naphtha 

05 rich in -Ce-C fl components and containing at least 25 
volume percent of naphthenes, to produce a dehydro- 
genated naphtha comprising 40-60 volume percent of 
aromatic hydrocarbons, extracting the aromatic hydro- 
carbon.from dehydrogenated naphtha with a polar solvent 
70 while displacing non-aromatic hydrocarbons boiling in the 
range of 130 to 140° C. from said aromatic extract, sepa- 
rating substantially pure benzene from the aromatic ex- 
tract by fractionally distilling the extract in a column 
having at least 12 stages at a minirmim reflux 1 ratio di 
75 1.35: 1, separating substantially pure toluene by -fraction- 
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ally distilling the residue of the benzene distillation in a 
column of at least 14 stages at a minimum. reflux ratio of 
1,0:1, separating a C e fraction from the residue of the. 
toluene distillation, and superdistilling the C c fraction in 
a distillation column having at least ISO distillation stages 
at a reflux ratio exceeding 40:1 to separate ethylbenzene 
containing less than 1%* of non-aromatic hydrocarbon 
boiling in the range of 150 to 140° C. 

10. The method of recovering ethylbenzene contained 
in a petroleum hydrocarbon naphtha together with other 
aromatic hydrocarbons comprising extracting said naph- 
tha with a polar solvent having a preferential solubility 
for aromatic hydrocarbon to form a hydrocarbon solu- 
tion in said polar solvent in which the aromatic hydro- 
carbons predominate, washing said solution with a liquid 
hydrocarbon having a boiling point range lower than said 
aromatic hydrocarbon and having a solubility in said sol- 
vent greater than the higher boiling non-aromatic hydro- 
carbon components dissolved in said solvent, thereby dis- 
placing said higher boiling non-aromatic hydrocarbons 
from said solution, separating the aromatic hydrocarbon 
from other components of said solution to produce a mix- 
ture of aromatic hydrocarbons containing less than 0,3% 
of non-aromatic hydrocarbon components, distilling said 
aromatic hydrocarbon in a first preliminary distillation in 
a distillation column having from about 35 to 45 stages 
at a reflux ratio in the range of about 5-7: t to separate 
therefrom substantially pure benzene* distilling the resi- 
due in a second preliminary distillation in a distillation 
column Having from about 35 to 45 distillation stages at 
a reflux ratio in the range of about 2-4:1 to separate 
substantially pure toluene, and superdistilling the C s -f- 
residue in a column having at least 150 distillation stages 
at a minimum reflux ratio of 40:1 to separate ethylben- 
zene containing less than 1% of stable hydrocarbon im- 
purity boiling in the range of 130 to 140* C. 

IV The method of recovering ethylbenzene contained 
in a petroleum hydrocarbon naphtha together with other 
aromatic hydrocarbons comprising extracting said naph- 
tha with a polar solvent having a preferential solubility 
for aromatic hydrocarbon to form a hydrocarbon solu- 
tion in said polar solvent in which the aromatic hydro- 
carbons predominate, washing said solution with a liquid 
hydrocarbon having a boiling point range lower than 
said aromatic hydrocarbon and having a solubility in said 
solvent greater than the higher boiling non-aromatic hy- 
drocarbon components dissolved in said solvent, thereby 
displacing said higher boiling non-aromatic hydrocarbons 
from said solution, separating the aromatic hydrocarbon 
from other components of said solution to produce a 
mixture of aromatic hydrocarbons containing less than 
0,3% of non-aromatic hydrocarbon components, distilling 
said aromatic hydrocarbon in a first preliminary distilla- 
tion in a distillation column having from about 35 to 45 
stages at a reflux ratio in the range of about 5-7:1 to 
separate therefrom substantially pure benzene, distilling 
the residue in a second preliminary distillation in a dis- 
tillation column having from about 35 to 45 distillation 
stages at a reflux ratio in the range of about 2-4:1 to 
separate substantially pure toluene, distilling the C 8 *f 
residue in a third preliminary distillation in a column 
having from 25 to 35 distillation stages at a reflux ratio 
of about 03 to 0.5:1 to separate a Q* fraction having a 
boiling point range of about 4 to 10° C, and superdis- 
tilling said C e fraction in a column having from 200 to 
400 distillation stages at a reflux ratio of 60-150:1 to sepa- 
rate a distillate ethylbenzene containing less than 1% of 
stable hydrocarbon impurity boiling in the range of 130 
to 140* C, 

12, Method of recovering ethylbenzene contained in a 
hydrocarbon naphtha including other aromatic hydro- 
carbons as well as non-aromatic hydrocarbons compris- 
ing extracting said naphtha at a temperature in the range 
of 220-325* F. at a pressure of 80 to 135 p.sJ.g. with a 
polar solvent comprising a lower alkylene glycol ether 
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by continuously passing said solvent under said extractm! 
conditions countercurrently in contact with said .naphtha 
in a ratio of 5 to 30 parts' of solvent per part of naphtha 
by volume to produce an aromatics rich' extract solution 

. 6. and aromatics poor'raumate, washing said extract solution 
with liquid C$ parafiin hydrocarbon whereby higher- boil- 
ing non-aromatic hydrocarbon components dissolved in 
said solvent are displaced from said extract solution into 
said rafSnate. while being replaced by sajci C 5 paraffin hy- 

10 drbcarbon; reducing the pressure of said extract solution 
to flash off dissolved C$ hydrocarbon components, strip- 
ping the aromatic hydrocarbon from the solvent with 
steam to separate a fraction comprising substantially 
100% aromatic hydrocarbon, distilling from said aromatic 

15 hydrocarbon mixture a C 8 -f aromatics fraction having 
less than 03% of stable non-aromatic hydrocarbons 
therein boiling in the range of 130-140° C. and then 
superdistilimg said C ? -f aromatic fraction to separate 
ethylbenzene in a distillation column having at least 150 

20 distillation stages at a reflux ratio exceeding 40:1. 

13. The method of distilling ethylbenzene from a -mix- 
ture with xylene isomers, said mixture being substantially 
free of non-aromatic hydrocarbon, comprising passing 
vapors of the said mixture through distillation columns 

25 comprising 150 to 400 distillation stages while washing 
said vapors with condensed liquid in each stage passing 
countercurrently from stage to stage as. reflux, said 150 
to 400 stages being separated into a plurality of two to 
three distillation columns of from 50 to 134 stages each, 

SO by passing the liquid mixture to be distilled to an inter- 
mediate stage of said 150 to 400 stages, pumping hot con- 
densed liquid from the bottom of the last column to the 
top of the preceding column through the series of columns 
as reflux, pumping a portion of the liquid from the bot- 

35 torn of the first column to a reboiler and returning the 
same as hot vapors to a point near the bottom of ihe first 
column, condensing ethylbenzene vapors from the last 
column to a hot liquid at about its boiling point and re- 
turning a portion of the final hot liquid ethylbenzene con- 

40 densate to the top of the last column as reflux, said col- 
umns being operated at a reflux ratio in the range of 
about 40 to 150:L 

14. Method of recovering ethyl benzene contained in 
a petroleum hydrocarbon naphtha together with other 

45 aromatic hydrocarbons comprising solvent extracting the 
aromatic hydrocarbons in said naphtha with a polar sol- 
vent to produce an aromatic extract containing less than 
0.3% of stable non-aromatic hydrocarbons therein, re- 
moving a substantial quantity of other Cr-Q* aromatic 

50 hydrocarbon components of said extract to produce a C B 
fraction in which ethyl benzene is relatively concentrated, 
and superdistjlling said concentrated ethyl benxene extract 
in a distillation column having at least 150 distillation 
stages at a reflux ratio exceeding 40:1 to produce sub- 

55 s-tantially pure ethyl benzene. 

15. Method of recovering ethyl benzene contained in 
a petroleum hydrocarbon naphtha together with other 
aromatic hydrocarbons comprising solvent extracting the 
aromatic hydrocarbons in said naphtha with a polar sol- 

59 vent to produce an aromatic extract containing less than 
0-3% of stable non-aromatic hydrocarbons therein, dis- 
tilling said aromatic extract to remove C 6 and C 7 aro- • 
matic hydrocarbons therein and produce a fraction 
containing said ethyl benzene removing a portion of -the 

65 other aromatic components of said C g ~f- fraction to pro- 
duce a C s fraction in which the ethyl benzene is relatively 
concentrated and superdistilling the ethyl benzene from 
said concentrated C 8 fraction in a distillation column hav- 
ing at least 150 distillation stages at a reflux ratio ex- 

f 0 ceeding40:l. 

References Cited in the Me of this patent 
UNITED STATES PATENTS 

1,955,246 Link Apr, 17, 1934 

W (Other references on following page) 


23 

UNITED STATES PATENTS' 

2,295,256" ' Brnjgma . Sept. 8, 1942- 

2,407,820 bumim - Sept 17, 1946 

2,734,930 Schlatter ^ Feb. U, 1^56 

2,770,663' Gr'ote ~ r Nov. 13, 1956 

2,773,918 Stephens ^ Dec. 11,1956 

FOREIGN PATENTS 
625,570 Great Britain - June 30, 1949; 


24 

OTHER REFERENCES ■ 

Rossini et a!*: petroleum Refiner* volume 21, No,- tif 
November 1942, pages 73-r7& ' 

Rossini- et aL: Hydrocarbons, from Petroleum (195-3), 
Remhold Pnbiisaing Corporation, 330 West 42nd Street, 
New York, New Yorlc, page 342 t 


Machnurrt F 


IIIIlilllllllllllUHIl 

US006841714B2 

(12) United States Patent ao Patent No.: us 6,841,714 B2 

Leflaive et aL (45) Date of Patent: Jan. 11, 2005 


(54) PROCESS FOR CO-PRODUCTION OF 
PARAXYLENE, METAXYLENE AND/OR 
ORTHOXYLENE 

(75) Inventors: PhiHbert Leflaive, Burns sur Yvette 

(FR); Luc Wolff, Lyons (PR); Gerard 
Hotier, Rueil Mahnaison (PR); Alain 
MetMvier, Marly le Roi (FR) 

(73) Assignee: Inst it lit Fraiteate du Petrole, Rueil 
Malmaison Cedex (FR) 

( * ) Notice: Subject to any disclaimer, the term of this 
patent is extended or adjusted under 35 
U.S.C. 154(b) by 286 days. 

(21) Appl. No.: 10/247,830 

(22) Filed: Sep. 20, 2002 

(65) Prior Publication Data 

US 2003/0069461 Al Apr, 10, 2003 
(30) Foreign Application Priority Data 
Sep. 20, 2001 (FR) 01 12177 

(51) Int. CK 7 C07C 7/12 

(52) U.S. CI 585/S28; 585/822; 585/825; 

585/812 

(58) Field of Search 585/828, 822, 

585/825, 812 

(56) References Cited 

U.S. PATENT DOCUMENTS 
5,284,992 A * 2/1994 Hotier et al 585/805 


FOREIGN PATENT DOCUMENTS 
WO 99 64381 12/1999 

* cited by examiner 

Primary Examiner- 1 Thuan Dinh Dang 

(74) Attorney,, Agent, or Firm — Millen, White, Zelano & 

Branigan, PC, 

(57) ABSTRACT 

A process for co-production of paraxylene, metaxylene 
and/or orthoxylene from a hydrocarbon feedstock (1) that 
comprises [1] a separation stage of the feedstock in a 
simulated moving bed in a chromatographic column (9) that 
contains a number of beds of an adsorbent, interconnected in 
a loop, is described, whereby said column comprises an 
injection (3) of the feedstock, a draw-off (10) of an extract 
that consists of paraxylene and desorbent, an intermediate 
fraction (11) (extract or raSinate) that contains ethylbenzene, 
and a ramnate (12) that contains a mixture of metaxylene 
and orthoxylene that is virtually free of ethylbenzene and 
paraxylene and [2] a crystallization stage (27) of the met- 
axylene arsd/or orthoxylene fraction- Upstream from the 
adsorption zone and/or upstream from the crystallization 
zone, it is possible to distill the entering mixture to produce 
an orthoxylene-enriched fraction at the bottom and a 
metaxylene-enriched fraction at the top. 

20 Claims, 1 Drawing Sheet 
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The invention relates to a process for co -production of 
paraxylene and metaxylene and/or orthoxylene that com- 
prises in combination a simulated moving-bed adsorption 
unit and a crystallization zone. 

The production of high-purity paraxylene by separation 
by adsorption is well known from the prior art. This market 
is extensively developed: its outlets are the productions of 
terephthalic acid, phthalic anhydride and polyethylene 
terephthalate resins. The technological background that 
describes the production of. paraxylene with very high purity 
is illustrated in Patent EP-A-531191 of the applicant. 

In contrast, the metaxylene market is still restricted, 
whereby its outlet is isophthalic acid. The separation of 
metaxylene and obtaining it at a purity level in accordance 
with market specifications (>99%) is the subject, however, 
of several processes. Thus metaxylene purification 
approaches from a C8 aromatic hydrocarbon feedstock have 
been stipulated in the prior art, Liquid-liquid extraction 
processes are presented in particular in U.S. Pat. Nos. 
2,528,892, 2,738,372, 2,848,517, 2,848,518, 3,309,414, 
3,515,768 and 3,584,068, These processes rest on stability 
criteria of the complex formed by bromine tritluoride (BF 3 ) 
and hydrofluoric acid (HF) and xylene isomers, whereby the 
complex that is formed with the metaxylene is the most 
stable. The drawback of these techniques is essentially 
environmental but also financial Actually, the corrosivily 
and the danger associated with these products are detrimen- 
tal and lead to additional costs in terms of equipment. 

Other techniques for purification of metaxylene by 
extraction use different products but result in the same 
drawbacks. U.S. Pat. Nos. 2,830,105, 3,707,577, 2,562,068 
thus teach respectively an extraction with phosphorus pen- 
ta fluoride and hydrofluoric acid, with lithium chloride and 
aluminum chloride, and with sulfur dioxide and pentane. 

It is also conceivable to purify metaxylene by a selective 
reaction followed by a separation, by halogenation as 
described in U.S. Pat. Nos. 2,889,382 and 3,644,552, by 
sulfonation (U.S. Pat. No, 2,511,7X1), and even by alkyla- 
tion (U.S. Pat. No. 3,539,050). These processes are often 
expensive and involve undesirable additional products. 

The extractive distillation processes, shown in U.S, Pat. 
No. 2,763,604 (extractive distillation with benzonitrilc), 45 
U.S. Pat. No. 3,089,829 (benzoic acid) and U.S. Pat. No. 
3,849,261 (organometallic compounds) exhibit a risk of 
contaminating products and produce considerable additional 
costs. 

Processes for separating metaxylene by adsorption are 50 
presented in U.S. Pat. No. 4,326,092, U.S. Pat. No. 5,382, 
747, U.S. Pal. No. 5,900,523, which use as adsorbent a 
sodium-exchanged Y zeolite or a sodium- and lithium- 
exchanged Y zeolite and which use as desorbents indane or 
toluene. U.S. Pat, No. 6,137,024 describes a process for 55 
separating metaxylene from a mixture that contains the three 
xylenes (plus optionally ethylbenzene and/or C9 and C10 
aromatic compounds) by contact with an Hp zeolite. This 
process can use a desorbent that is preferably benzene, 
toluene or a combination of these two compounds. 60 

Another method for purifying metaxylene is the use of 
the crystallization technology without tying it to a separation 
by adsorption. Such techniques that combine crystallization 
units in a series are described in U.S. Pat. No. 2,884,470 and 
U.S, Pat. No. 2,777,888. These processes are based on a 
preferential crystallization that makes it possible to avoid the 
problems linked to the eutectic. 


A variant of this approach is the process that is disclosed 
in U.S. Pat. No. 3,277,200, where the co-crystaliization of 
metaxylene and paraxylene is followed by a selective melt- 
ing of paraxylene crystals to separate them from metaxylene. 
The scope of this process, however, is restricted to feed- 
stocks that enter the crystallization stage containing at most 
3% eihylbenzene and at most 3% orthoxylene. In U.S. Pat. 
No. 3,544,646, the co-crystallization of metaxylene and 
paraxylene is followed by a separation between the metaxy- 
lene and the paraxylene based on the density of the crystals. 
The proximity of the densities (respectively 1.030 g/ml and 
1.006 g/ml), however, leads to doubts on the practical 
implementation of this operation in a commercial optical 
system. A similar patent, U.S. Pat. No. 3,825,614, presents 
a co-crystallization followed by a separation by crystal 
density, but the feedstock that enters this stage is substan- 
tially freed of orthoxylene thanks to an upstream orthoxy- 
lene distillation (splitter). The orthoxylene is then sent to an 
isomerization unit. 

It now becomes advantageous to co-produce paraxylene 
and metaxylene in the same complex for production of 
aromatic compounds. Actually, it recently became evident 
that the addition of small amounts of polyethylene isoph- 
thalate to polyethylene terephthalate improved the proper- 
ties of the latter. The market requirements call for a larger 
amount of paraxylene than that of metaxylene: typically 2 to 
40 times larger, the paraxylene should be very pure, typi- 
cally at least 99.7%, and the metaxylene should have rea- 
sonable purity, typically at least 99.0%. 

The prior art also describes processes of co-production of 
paraxylene and metaxylene. For example, U.S. Pat. No. 
4,368,347 uses a vapor phase process with intermediate 
fraction recycling: in addition to the complication that is 
linked to recycling intermediate fractions, this document 
does not describe and does not suggest how it is possible to 
use in a practical way such a process that operates at a 
pressure of between 1 and 2 bar and at a temperature of 150° 
C. to 200° C. with a feedstock whose bubble point is 145° 
C. and with fixed beds that have pressure drops of at least 0.1 
40 bar and probably more to operate economically. Patent FR 
2 651 148 Uses two different solvents to separate the 
C8-aromatic fraction into three efHuents, which greatly 
limits its scope since the distillations that result from the 
simulated moving bed separation unit are multiplied. Patent 
45 WO 93/22022 describes various cases of separations of 
feedstocks of three components into three elSuents, however 
the technology that is used that involves very high pressures, 
pressure regulation and flow rate regulation at the same time 
in each of the three or four zones of the process and beds that 
are each separated in a column is justified economically only 
for products of very high added value. 

U.S. Pat, No. 4,306,107 describes a simulated moving- 
bed process in liquid phase where the metaxylene is sampled 
in the form of extract; the paraxylene, orthoxylene and a 
fraction of ethylbenzene are sampled as an intermediate 
raffinate; and finally the ethylbenzene is sampled as a 
raffmate, This process that allows the co-production of 
metaxylene and ethylbenzene naturally does not allow a 
majority of paraxylene and an accompanying stream of 
metaxylene to be co-produced. 

U.S. Pat. No. 4,313,015 describes a process for continu- 
ous co-production of paraxylene and metaxylene from a 
hydrocarbon feedstock in a simulated moving bed in liquid 
phase that comprises three samplings. The extract consists of 
paraxylene that is too impure (99.44%) to be marketed at 
current standards (current standard ^99.7% minimum) and 
with a yield of 97.5%; the intermediate raifmate consists of 
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ethylbenzene, orthoxylene, metaxylene and a little paraxy- 
lene; finally the raffinate consists primarily of a mixture of 
orthoxylene and metaxylene. Virtually pure metaxylene is 
then obtained by distillation of the raffinate. 

A process for co-production of paraxylene and metaxy- 
lene from a hydrocarbon feedstock in a simulated moving 
bed in liquid phase that comprises three samplings is also 
described in Patent FR 2 782 714. The chromatographic 
column that is described contains at least twenty-five beds 
Chat are distributed in five zones. Ai least five beds should be 
located in zone 3 B that is between the point for draw-oS 7 of 
an intermediate raflinate that contains metaxylene, 
orlhoxylene, elhylbenzene, solvent and paraxylene, and the 
point for draw-oil of a rafrinaie that contains metaxylene, 
orthoxylene and solvent. Metaxylene with a purity thai is 
higher than 99% is then obtained by distillation of the 
raflinale, In addition to the large number of beds necessary 
for the implementation of the process (30, for example), the 
hydrocarbon feedstock should have an ethylbenzene content 
that is less than 5%, which is restricting. 

The applicant filed a patent application FR 00/05 424 that 
describes a process for coproduction in a simulated moving 
bed of paraxylene and metaxylene in a chromatographic 
column comprising three samplings from a non -limited 
feedstock of ethylbenzene where an extract that contains 
paraxylene is drawn off continuously, a first raffinate is 
drawn off continuously or intermittently, and where a second 
raffinate that comprises orlhoxylene and metaxylene is 
drawn off intermittently, whereby the process is also char- 
acterized in that the second raffinate is distilled so as to 
recover pure orthoxylene and metaxylene. 

Document U.S* Pat. No. 5,510,562 also describes a 
process for separation of C8 aromatic compounds where the 
mixture of orlhoxylene, metaxylene, paraxylene and ethyl - 
benzene is first divided into two flows that respectively 
contain paraxylene and elhylbenzene, and metaxylene and 
orlhoxylene. The paraxylene is then separated from the 
ethylbenzene by a distillation followed by a crystallization, 
and the metaxylene is separated from the orthoxylene by 
distillation. 

U.S. Pat. No. 3,700,744 describes a process for the 
production of paraxylene (PX), orlhoxylene (OX), and met- 
axylene (MX) from a flow of C8 aromatic compounds by 
Erst carrying out a fractionated distillation to produce a top 
fraction that contains ethylbenzene (EB), PX and MX that is 
lacking in any OX, an intermediate fraction that contains a 
mixture of PX and MX, and a bottom fraction that contains 
essentially pure orthoxylene. The top fraction is next isomer- 
ized and then recycled in the fractionation zone. The inter- 
mediate fraction that contains the PX and the MX is sent into 
a separation zone by adsorption to produce essentially pure 
paraxylene and metaxylene. A variant of this process con- 
sists in producing paraxylene (PX), orthoxylene (OX) and 
metaxylene (MX) from a flow of CS aromatic compounds by 
first carrying oui a distillation to produce a top fraction that 
contains ethylbenzene (EB), PX and MX and OX, and a 
bottom fraction that contains a mixture of three xylenes that 
are lacking in EB- The top fraction is next isomerized and 
then recycled in the fractionation zone. The bottom fraction 
that contains the PX and the MX is sent into a zone for 
separation by adsorption lo produce essentially pure paraxy- 
lene or metaxylene in an extract and a raffinate that contains 
a mixture of orthoxylene and the least well-retained com- 
pound of paraxylene or metaxylene. The raffinate is then 
distilled to produce essentially pure metaxylene and 
orthoxylene. 

In all of the processes that are described in U.S. Pal. No. 
4313,015, FR 2 782 714, U.S. Pat. No. 5,510,562 and U.S. 
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Pat. No. 3,700,744 as well as in Patent Application FR 00/05 
424, high-purity metaxylene (>99%) is obtained by distil- 
lation. The boiling points of these two compounds, however, 
are very close (i.e., respectively 139,12° C. and 144,41° C), 
which makes it very difficult to obtain high-purity metaxy- 
lene by distillation and requires a large column with at least 
150 to 200 plates and a very high reflux rate, typically a 
reflux to feedstock ratio that is higher than 5 to 1 . In addition, 
if the metaxylene and orlhoxylene mixture flow that it is 
sought to separate contains impurities in the form of par- 
axylene and ethylbenzene, these impurities will be concen- 
trated in the metaxylene, making it difficult to obtain a purity 
that is higher than 99.0%, 

In Example E, U.S. Pat. No, 5,900,523 describes a 
process for the production of xylenes where a first zone for 
separation by paraselective adsorption produces a 
paraxylene-enriched extract and a raiBnate that comprises at 
least the majority of orthoxylene and metaxylene that are 
present in the feed flow and that contains more than 10 
percent of orthoxylene. The extract is distilled to recover 
high-purity paraxylene. The raflinate of the first separation 
zone is then introduced into a second separation zone by 
metaselective adsorption where the adsorbent is a Y zeolite 
with an Si0 2 /Al 2 0 3 molar ratio of between 4,0 and 6,0 that 
is exchanged with sodium and that has a water content that 
is equivalent to a fire loss at 500° C. from about 1.5 to about 
2.5% by weight; the separation is conducted in a liquid 
phase at a temperature of between 100° C. and 150° C. The 
second zone of separation by metaselective adsorption pro- 
duces a raetaxylene-enriched extract and a raffinate that 
comprises the non-adsorbed compounds of the first raffinate, 
in particular orthoxylene. High-purity metaxylene is recov- 
ered from the extract. 

The two patents that are closest to this invention are U,S. 
Pat. No. 3,773,846 and WO 99/64381. U.S. Pat, No, 3,773, 
846 as well as the patents described below thus propose the 
linking of a paraxylene production unit and purification of 
metaxylene by adsorption or crystallization, and optionally 
an isomenzation unit. U.S. Pat. No. 3,798,282 and U£. Pat. 
No. 3,825,614 present metaxylene crystallization methods 
downstream from a paraxylene crystallization unit. The 
crystallization techniques that are used allow a coarse sepa- 
ration of metaxylene crystals that are larger than the par- 
axylene crystals. After this first separation, the concentrated 
metaxylene can be melted and recrystallized in a second 
stage to produce high-purity metaxylene. U.S. Pat. No, 
3,773,846 shows the advantage of an adsorption stage prior 
to the crystallization to reduce the paraxylene concentration 
in the metaxylene crystallization unit. It claims a simulta- 
neous production process of high -purity metaxylene and 
high-purity paraxylene from a fresh feedstock of C8 aro- 
matic hydrocarbons. The first zone is a selective adsorption 
zone that produces a high-purity paraxylene flow and a 
paraxylene-depleted flow at a concentration that is below the 
eutectic binary metaxylene-paraxylene. A fractionation 
stage of this depleted flow makes it possible to produce at 
the top a mixture of metaxylene and orthoxylene, whereby 
the latter is in a proportion smaller than that of the eutectic 
mixture. This mixture is introduced into a crystallization unit 
that makes it possible to produce a high-purity metaxylene 
flow and a mother liquor. The fractions that are collected at 
the bottom of the fraclionaiion column and the mother liquor 
of the crystallization are recycled in an isomerization zone 
to produce a mixture of C8 aromatic hydrocarbons in 
conditions close to the thermodynamic equilibrium. The 
fresh feedstock can be introduced directly into the selective 
adsorption zone or into the isomerization zone before the 
adsorption stage. 
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Likewise, Patent WO 99/64381 uses the crystallization 
as a metaxylene separation technique, The first stage for 
separation of paraxylene and metaxylene from the feedstock 
of C8 aromatic compounds is done by simulated moving- 
bed adsorption after the feedstock passes into a distillation 5 
column that produces at the bottom an orthoxylene-rich flow 
and a distillate that contains for the most part ethylbenzene, 
paraxylene and metaxylene. As a result, the composition of 
the mixture and in particular the paraxylene content is 
modified by the adsorption stage, which affects the crystal- 10 
lization and induces a different design of crystallization 
units. The crystallization stage exhibits several variants, 
structured around successive crystallizations below the 
eutectic point, with or without a crystallization drum. This 
patent proposes several methods for separating orthoxylene 15 
and uses a transalkylation unit rather than an isomerization 
unit to isomerize the recycled orthoxylene. 

A common point in U.S. Pat- No. 3,773,846 and WO 
99/64381 is the presence of ethylbenzene in the rafSnate that 
is drawn off from the adsorption unit. U.S. Pat, No, 3,773, 2 Q 
846, moreover, notes this drawback by proposing a distil- 
lation that makes it possible to deplete of ethylbenzene the 
flow that enters into the crystallization unit. In Patent WO 
99/64381, the ethylbenzene is sent directly into the crystal- 
lization unit, which needlessly increases the entering flow. 2 s 

This invention has as its object to eliminate the above- 
mentioned drawbacks. 

The object of the invention is the co-production of 
paraxylene and melaxylene and/or orthoxylene that can be 
marketed from a hydrocarbon feedstock. The main object of 30 
the invention is to obtain paraxylene with a purity of at least 
99.7%. The second object of the invention is £0 produce 
about 10 to 15 times less metaxylene than paraxylene but 
with a purity that is at least equal to 99% and/or orthoxylene 
with a purity that is at least equal to 98.5%, 35 

More specifically, the invention relates to a process for 
co-production of paraxylene and metaxylene and/or 
orthoxylene from a feedstock that contains xylenes, ethyl- 
benzene and C9-C10 hydrocarbons, whereby the process 
successively comprises: 40 
A passage of feedstock (1) in a column for distillation of 
xylenes (2) from where a mixture (3) thai comprises the 
majority of metaxylene, paraxylene, ethylbenzene and 
at least a portion of orthoxylene is drawn off at the top, 
and from where a flow (4) of C9" CIO h ydrocarbons and 45 
the remaining portion of orthoxylene is drawn off at the 
bottom; 

A separation of top mixture (3) in a simulated moving bed 
in at least one chromatographic column (9) containing 
a number of beds of an adsorbent that are intercon- 50 
nected in a closed loop and having a different selec- 
tivity for paraxylene, ethylbenzene, metaxylene and 
orthoxylene, whereby said column comprises at least 
five zones that are delimited by injections of mixture 
(3) (adsorption feedstock) and a desorbent (8) and 55 
draw-offs of an extract (10) that contains paraxylene, an 
intermediate fraction (11) that contains ethylbenzene, a 
raffmate (R2) (12) that contains orthoxylene and 
metaxylene, whereby a paraxylene desorption zone 1 is 
included between the injection of the desorbent and the m 
sampling of the extract, whereby a zone 2 for desorp- 
tion of ethylbenzene, orthoxylene and metaxylene is 
included between the sampling of the extract and the 
injection of the adsorption feedstock* whereby a zone 
3A for paraxylene adsorption is included between the 65 
injection of the feedstock and the draw-off of the 
intermediate fraction, whereby a zone 3B for ethylben- 
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zene adsorption is included between the draw-off of the 
intermediate fraction and the draw-off of ra fftnate (R2), 
and whereby a zone 4 is included between the draw-off 
of raffinate (R2) and the injection of desorbent, 
whereby the process is characterized in that' 
Raffinate (2) is distilled to eliminate essentially all of 

the desorbent, and a distilled raffinate (IS) is drawn 

off, 

The extract is distilled to recover a paraxylene-enriched 
fraction (16). 
The process is also characterized in that: 

Either distilled raffinate (18)is sent at least in part to at 
least one crystallization zone (27), and metaxylene 
with a purity of at least 99% is recovered, 
Or distilled raffinate (18) is sent at least in part into a 
second distillation zone (23), a top flow (24) that 
contains metaxylene and a bottom fraction (25) that 
contains orthoxylene are recovered, the top flow is 
crystallized at least in part, metaxylene with a purity 
of at least 99% is recovered, and/or said bottom 
fraction is crystallized at least in part, and orthoxy- 
lene with a purity of at least 98.5% is recovered, 
The stage for separation of paraxylene and metaxylene is 
done by a simulated moving-bed adsorption from where are 
drawn off an extract that comprises paraxylene and 
desorbent, an intermediate fraction (extract or raffinate) that 
contains ethylbenzene with a strong yield, and a raffinate 
that contains a mixture of metaxylene and orthoxylene that 
is virtually free of ethylbenzene and paraxylene. The draw- 
off of an ethyibenzene-nch intermediate fraction makes the 
presence of ethylbenzene splitter superfluous. Actually, the 
feedstock that enters the crystallization zone is virtually free 
of ethylbenzene, which makes possible the reduction of the 
entering flow and an optimized operation of the unit. 

The crystallization of the metaxylene and/or orthoxylene 
fraction can be carried out in one or more stages and is in 
general conducted so as to obtain a preferred final purity of 
at least 99 + 0%, whereby the yield of metaxylene or orthoxy- 
lene relative to the feedstock can be adapted to a value of 3 
to 30%, 

On the other hand, it is possible to choose a unit that 
typically comprises 24 beds in the case, for example, of a 
unit revamping. Preferably, in the case of a new unit, the 
configuration can use 26 or 28 beds. 

The chromatographic column that operates in simulated 
countercurrent or in simulated co-current can preferably 
comprise at least 24 beds and at least three beds in zone 3B. 

The feedstock can have a content of linear and branched 
alkanes and naphfhenes that is less than 1% by weight and 
advantageously a naphthenc content that is less than 03%, 
The feedstock in general contains less than 10% by weight 
of ethylbenzene. It can come from either a unit for tran- 
saikylation of C7 and C9 into xylenes or from a unit for 
catalytic dismutation of toluene into benzene and xylenes, or 
from a unit for isomerization of a fluid that contains 
ethylbenzene, whereby said unit can be operated in the 
presence of a catalyst that dealkylatcs ethylbenzene into 
benzene as described in U.S. Pat. No. 5,516,656 and WO 
98/05 613. 

During the first simulated moving-bed separation stage, 
the intermediate fraction and raffinate (R2) can be drawn off 
continuously or intermittently. By drawing off the rafiinale 
preferably continuously, it is possible to inject it continu- 
ously in the desorbent distillation stage, without an inter- 
mediate buffer tank. 

According to a characteristic of the process, it is possible 
to initiate the purification by crystallization of the extract 
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from which desorbent was previously removed by distilla- 
tion. This crystallization will preferably be conducted 
between 4-10° C. and -30° C as described In, for example, 
Patent EP 531 191-Bl. The mother liquor that is obtained 
from the crystallization can then be recycled at the feed of 5 
the simulated moving-bed chromatography. The solvent for 
washing paraxylene crystals that are obtained is selected, for 
example, from among the following solvents; n-pentane, 
water, purified paraxylene or toluene, and the washing liquor 
that results from the washing stage can be recycled in the 10 
feed of the adsorption column in a simulated moving bed. 

According to a characteristic of the process, mixture (4) 
of orthoxylene and C9-C10 aromatic hydrocarbons drawn 
off at the bottom of distillation column (2) can be sent into 
another distillation column (5), from where a high-purity (at 15 
least 98.5%) orthoxylene flow (6) is extracted at the top, and 
a flow (7) that contains C9-C10 hydrocarbons is extracted at 
the bottom. Flow (3) that is drawn off at the top of the 
distillation column that is placed upstream from the adsorp- 
tion unit usually contains less than 5% by weight of orthoxy- 20 
lene. While the amount of orthoxylene that enters the first 
stage for separation of paraxylene by adsorption is consid- 
erably lower, its content in r&ffinalc (R2) is reduced, and the 
metaxylene crystallization yield is thereby improved. 

According to one of two variants for the process, raHnate 25 
(R2) from which the desorbent is removed can be sent at 
least in part to a second distillation column (23) from where 
an orthoxylene-enriched flow (25) is drawn off at the 
bottom, and a metaxylene-enriched flow (24) that feeds 
crystallization zone (27) is drawn off at the top, In the case 30 
where little or no orthoxylene is desired to be produced, this 
distillation is thus localized advantageously between the 
simulated moving-bed unit and the crystallization zone, A 
partial distillation is then sufficient to obtain at the top of the 
column a feedstock with a sufficient metaxylene content so 35 
thai the crystallization zone operates with a correct yield. 
The crystallization stage will make it possible to limit the 
number of plates and avoid high reflux and reboiling rates, 
contrary to U.S. Pat. No. 4,313,015, FR 2 782 714 and U.S. 
Pat, No. 5,510,562 where the purification of the metaxylene 40 
requires a large column with at least about 150 to 200 plates. 

According to a characteristic of the invention, at least a 
portion of the orthoxylene-enriched flow that exits from 
second column (25) can be isomerized in at least one 
isomerization zone, and the i&omerate that is obtained is 45 
recycled in distillation column (2). 

According to another characteristic of the process, the 
adsorbent that is used in the first separation stage can 
comprise an X zeolite that is exchanged with barium or a Y 
zeolite that is exchanged with potassium or a Y zeolite that 50 
is exchanged with barium and potassium. 

The preferred desorbent is pnradiethylbenzene, however 
other desorbents such as toluene, paradifluorobenzene or 
diethylbenzenes in a mixture can also be suitable. 

According to another characteristic of the invention, the 55 
volumetric ratio of desorbent to feedstock in the first sepa- 
ration stage can be between 0.5 and 2.5, preferably between 
1.4 and 1.7. 

According to another characteristic of the invention, it is 
possible to carry out the First stage of the process at a 60 
temperature that is generally between 20° C and 250° C, 
preferably between 90° C. and 210° C, and more particu- 
larly between 160" C and 200° C. and under a pressure that 
is between the bubble pressure of xylenes at the operating 
temperature and 20 bar (1 bar=0.1 MPa). 65 

According to a preferred characteristic of the invention, 
for the production of metaxylene, it is possible to regulate 


the flow rates of zones 3A and 3B as well as the optional 
distillation of orthoxylene in column (2) and/or second 
column (23) to obtain as a crystallization feedstock an 
effluent that is virtually free of ethylbenzene and desorbent 
and a molar composition that is delimited by the four points: 
pure metaxylene, eutectic binary metaxylene-paraxylene 
(metaxylene 87,0%, paraxylene 13,0%), eutectic ternary 
meta-orlho-paraxylene (metaxylene 61.4%, orthoxylene 
30.5%, paraxylene 8.1%), and eutectic binary meta- 
orthoxylene (metaxylene 66%, orthoxylene 33,4%), 

According to an embodiment of the process, line (24) that 
is drawn off at the top of the column and line (25) that is 
drawn 08; at the bottom of column (23) are generally 
connected at the inlet of one or more crystallization batch 
vat(s) (26). Line (16) of paraxylene with a purity of at least 
99,7% can also feed, in a restricted amount, a crystallization 
batch vat so as to obtain paraxylene of very high purity. The 
objective of using tbese batch vats is to make it possible for 
each to produce isomers in runs, by obtaining, after passage 
in crystallization zone (27), a purified flow (28) that com- 
prises either metaxylene with at least 99.0%, or orthoxylene 
with at least 98.5%, or ultra-pure paraxylene with at least 
99.90% and, for example, greater than 99.95%. 

According to a variant embodiment, the crystallization of 
metaxylene and that of orthoxylene can be carried out in a 
single crystallization zone, in runs, to produce metaxylene 
and orthoxylene separately. 

According to another variant, the crystallization of the 
metaxylene and thai of orthoxylene can be carried out in 
different crystallization zones. 

For the production of orthoxylene by crystallization, it is 
possible to regulate the flow rates of zones 3A and 3B, as 
well as the optional distillation of orthoxylene in column (2) 
and/or column (23) to obtain as crystallization feedstock an 
effluent that is essentially free of ethylbenzene and desorbent 
and a molar composition that is delimited by the four points: 
pure orthoxylene, eutectic binary orthoxylene-paraxylene 
(orthoxylene 75.7%, paraxylene 24.3%), eutectic ternary 
mela-orlho-paraxylene (metaxylene 61.4%, orthoxylene 
30,5%, paraxylene 8.1%), and eutectic binary raeta- 
orthoxylene (metaxylene 66.6%, orthoxylene 33.4%). 

According to a preferred characteristic of the invention, 
the crystallization zones can consist of one or more 
crystallizers, for example static crystallizers that alternate 
between a cooling phase and a heating phase. A refrigeration 
unit is used to operate at a temperature of between -45° C. 
and -60° C, in the case where it is sought to produce 
metaxylene, between -20° C. and -60° C. in the case where 
it is sought to produce orthoxylene, and between 20° C, and 
-50° C in the case where it is sought to produce paraxylene. 
After obtaining the desired fraction (metaxylene, orthoxy- 
lene or paraxylene), the remaining mother liquor is drawn 
off from the crystallize r. The purest crystalline layer con- 
tinues to adhere to the static crystallizer plates. These 
crystals are then purified by initiating heating at a tempera- 
ture that is slightly higher than the crystallization point. This 
partial melting and this resuspension wash the crystals and 
make it passible to obtain a product with a purity that is 
greater than 99% and greater than 99.90% for the ultra-pure 
paraxylene. Washing with said high -purity product or a 
combinalion of washing and a partial melting are other 
alternatives for the purification of crystals. Separated mother 
liquor (29) can then be recycled continuously in isomcriza- 
tion unit (22). 

in the case where it is sought to produce metaxylene in the 
crystallization zone, it will be possible to use this known 
method of the prior art for the separation of metaxylene by 
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crystallization. It is possible to cite, for example, the Sulzer 
Chemtec processes that are described in the journal Chemi- 
cal Engineering, May 2000, and in Patents WO 99/64381 
and U.S. Pat, No. 3,773,846. 

According to another characteristic according to which 
the chromatographic column produces paraxylene, not at at 
least 99% purity with a low productivity, but at at least 50% 
purity with a high productivity* it is possible to send the thus 
produced fraction from which desorbent is removed into at 
least one crystallization zone to deliver paraxylene crystals 
and a mother liquor; the crystals are separated from the 
mother liquor, optionally resuspendcd, washed and recov- 
ered; and the mother liquor can be recycled at least in part 
in the chromatographic column. 

The crystallization and the various stages of separation of 
the mother liquor and paraxylene puriftcation are described 
in, for example, U.S. Pat. No. 6,147,272 and U,S. Pat. Mo. 
6,111,161 of the applicant. 

The crystals that are formed can be washed by suitable 
washing solvents; the very high-purity product is recovered, 
and the washing Hquor that results therefrom that comprises 
the impurities can be recycled in the resuspension zone. 

The productivity of the adsorption unit is thereby maxi- 
mized by releasing purity constraints on the paraxylene that 
is obtained from the adsorption unit and by ensuring the final 
purity of this product by at least one crystallization stage. 
This purity can reach at least 99,6% and preferably at least 
99.7%, whereby the purity of metaxy lene and/or that of 
orthoxylene remain unchanged, however. 

Furthermore, the operating costs of the adsorption unit are 
minimized because it is possible to operate it with a small 
number of beds and a low level of solvent It is actually 
possible to work preferably with at most 24 beds and even 
more particularly with 20 beds. It is also possible to mini- 
mize the amount of desorbent by injecting it into zone 1 and 
by injecting the feedstock into zone 3A of the column in a 
volumetric ratio of desorbent to feedstock of at most 1.7:1, 
for example in a ratio of between 0.7 and 1.5, and very 
advantageously between 1.2 and 1,5. 

The invention will be better understood based on PIG. 1 
that illustrates the co-production of paraxylene and metaxy- 
lene and/or orthoxylene continuously or intermittently in a 
simulated moving bed and in countercurrent, combined with 
a crystallization zone. 

A feedstock of xylenes comprising metaxylene, 
orthoxylene, ethylbenzene and paraxylene is introduced 
continuously via a line (1) into a column (2) for distillation 
of xylenes from where a flow (3) that comprises metaxylene, 
orthoxylene, ethylbenzene and paraxylene is drawn off at the 
lop, and a flow (4) that consists of C9-C10 compounds and 
a portion of orthoxylene is drawn off at the bottom. Flow (4) 
can be distilled in a distillation column (5) that delivers 
essentially pure orthoxylene at the top via a line (6) and 
CV-C-,0 hydrocarbons at the bottom via a line (7). Flow (3) 
is introduced continuously into at least one chromatographic 
column (9) with at least five zones that contain a number of 
beds, 24 beds for example, of an adsorbent that comprises a 
zeolite, an X zeolite that is exchanged with barium, for 
example, and that operates in a liquid phase in a simulated 
moving bed and in counter-current according to U.S. Pat. 
No. 4,313,015 and the already cited patent of the applicant. 
An intermediate fraction (Rl) is drawn off continuously via 
a line (11) at a point that is located downstream from the 
point of introduction of the feedstock, while a raffinate (R2) 
that contains metaxylene and orthoxylene is drawn off 
continuously via a line (12) downstream from the interme- 
diate raffinate relative to the direction of flow of fluids in the 
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column (specifically from the bottom to the top). A 
desorbent, paradiethylbenzene, is injected continuously via 
a line (8) at a point of the column that is located upstream 
from the injection point of the feedstock while an extract that 

5 contains desorbent and essentially pure paraxylene is drawn 
ofl: continuously via a line (10) at a point that is located 
downstream from the injection point of the desorbent. This 
extract is distilled in a distillation column (13), from which 
an essentially pure paraxylene (greater than 99.7%) is drawn 

10 off at the top via a line (16), and the desorbent that can be 
recycled in the chromatographic column is drawn off at the 
bottom via a line (19). 

Intermediate fraction (Rl) is introduced into a distillation 
column (14) from which the desorbent that can be recycled 

15 is drawn off at the bottom via a line (20), and a mixture that 
contains xylenes and ethylbenzene is drawn off at the top via 
a line (17) that makes it possible to send it to an isomer- 
ization unit (22). 

Raffinate (R2) is introduced into a distillation column (15) 

20 from which the desorbent that can be recycled in line (8) is 
drawn off at the bottom via a line (21), and a mixture that 
contains essentially metaxylene and orthoxylene and that is 
virtually free of paraxylene and ethylbenzene is drawn off at 
the top via a line (18). This line (18) is connected to the inlet 

25 of a column for distillation of orthoxylene (23) from where 
a metaxylene-enriched flow (24) is drawn off at the top, and 
an orthoxylene-enriched flow (25) is drawn off at the bot- 
tom. Flows (24) and (25) can be recycled in an isomerization 
unit (22) or sent to a crystallization zone (27). The pure 

30 crystals are separated from a mother liquor and recovered 
via a iine (28). The mother liquor that is obtained from the 
crystallization is sent via a line (29) into isomerization unit 
(22). 

The isomerate that is obtained is recycled via a line (30) 
35 into line (1) for feed of the feedstock of distillation column 
(2). 

The invention is illustrated by the following examples that 
are given as non-limiting. 

40 EXAMPLE 1 

The production of paraxylene from a feedstock from 
which hydrocarbons comprising 9 and 10 carbon atoms were 
previously removed and that comprises a mixture of xylenes 
and ethylbenzene with the following composition by weight: 

45 EB: Ethylbenzene 5.6% 
PX: Paraxylene 22.6% 
MX: Metaxylene 49.9% 
OX: Orthoxylene 21.9% 

50 is carried out in a simulated moving bed in counter-current. 
The pilot unit that is used to do this consists of 24 columns 
that are 1.1 m in length and 0.021 m in diameter 344 g of 
barium -exchanged X zeolite with a moisture level of 5.5%, 
expressed in terms of fire loss at 900° C„ is loaded per 

55 column. The operating temperature is 175° C, the pressure 
at the intake of the recycling pump is kept at 10 bar, all of 
the flows are injected or drawn off continuously with the 
flow rate being monitored, with the exception of the inter- 
mediate raffinate that is drawn off continuously with the 

60 pressure being monitored, and the injection and draw-ofi 
flow rates are expressed in ambient conditions of pressure 
and at 20° C. A raffinate (R2) and an intermediate fraction 
Rl (intermediate raffinate) are drawn off continuously. The 
total number of beds is 24. Five beds are counted between 

65 the injection of desorbent and the draw-off of raffinate, 9 
beds between the draw -off of extract and the injection of 
feedstock, 5 beds between the injection of feedstock and the 
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drawoff of intermediate rafSnate, 3 beds between the draw- 
ee of intermediate raffinate and the draw-off of raSSnate and 
2 beds between the draw-off of raffinate and the injection of 
desorbent. 

The operating conditions are as follows: 
Feedstock: 3,24 \.h~* 

Solvent: 5.52 Lh" 1 of desorbent (99.06% of paradielhyl- 
benzene and 0,94% of other C 10 aromatic hydrocarbons) 
Extract: 3,27 Ur 1 

Intermediate raffinate (Rl): 4.29 Lh~ l 
Raffinate (R2): 1.2 Ur J 
Recycling flow rate (in zone 1): 16.4 liT* 
The R2/R1 ratio is 0.28. 

Hie switching time of the valves (or period) is 70,8 
seconds. 

After the p&radiethylbenzene is distilled, the extract that 
is obtained that is drawn oS; continuously delivers a flow of 
0.71 l/h of paraxylene with 99.7% purity. 

The 1.2 l.h* 1 of raffinate is distilled, and a fluid flow rate 
of 0.13 liT 1 is obtained whose composition by weight is as 
follows: 

EB: Ethylbenzene 0.1% 

PX: Paraxylene 1.7% 

MX: Metaxylene 73.9% 

OX: Orthoxylene 24.2% 

The crystallization zone comprises two static crystallizers 
that alternate between a cooling phase and a heating phase 
when the crystals are produced. A refrigeration unit is used 
to produce metaxylene crystals at -60° C. After 
crystallization, the mother liquor is drawn off. The metaxy- 
lene crystals are washed with very high-purity molten met- 
axylene and are simultaneously purified by a partial melting 
at -45 9 C. 

The metaxylene yield of the crystallization is 29%. 

The amount of paraxylene that is produced by the overall 
unit is 25 times greater than the amount of metaxylene, or 
respectively 0.71 l/h of paraxylene with 99.7% purity and 
0,028 l/h of metaxylene with 99.0% purity. 

HXAMPLE 2 

Example 1 is repealed by adding a column for distillation 
of the orlhoxylene before the crystallization zone to improve 
the crystallization yield. 

As above, the 1.2 l.h~* of raffinate R2 is distilled, and a 
fluid flow rate of 0.13 l.h -3 is obtained whose composition 
by weight is as follows: 

EB: Ethylbenzene 0.1% 

PX: Paraxylene 1.7% 

MX: Metaxylene 73.9% 

OX: Orthoxylene 24.2% 

The metaxylene yield is 6%. Raffinate 2 that is free of 
desorbent is then sent into an orthoxylene distillation col- 
umn. A fluid flow rate of 0.05 l/h is drawn off at the bottom 
of the column, and the composition of this fluid by weight 
is as follows: 

PX: Paraxylene 1.2% 

MX: Metaxylene 49.4% 

OX: Orthoxylene 49.4% 

The orthoxylene yield at the bottom of the column is 79%. 
At the top of the column, the fluid that is drawn off at a 
rate of 0.08 l/h has a composition by weight as follows: 
EB: Ethylbenzene 0.2% 
PX: Paraxylene 2.1% 
MX: Metaxylene £9.4% 
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OX: Orthoxylene 8.3%. 

The flow rates that relate to the input of the distillation 
(splitter) and the crystallization are 1 and 0.61. The met- 
axylene yield of the crystallization that is produced accord- 
5 ing to that of Example 1 is 72%. 

The amount of paraxylene that is produced by the global 
unit is 13.7 times greater than the amount of metaxylene, or 
respectively 0.71 l/h of paraxylene with 99.7% purity and 
0.05 l/h of metaxylene with 99.0% purity. 

EXAMPLE 3 

The same operating conditions as in Example 2 are 
repeated, but the ratio of the raffinate Sow rates (R2) and 
15 intermediate raffinate (Rl):R2/Rl is modified. The flow 
rates are as follows: 

Feedstock: 3.24 l.b~ 3 

Solvent: 5.52 Lb" 1 of desorbent (99.06% of paradiethyl- 
benzene and 0,94% of other C 10 aromatic hydrocarbons) 
20 Extract: 3.27 l.lr 1 

Intermediate raffinate (Rl): 3.45 LIT 1 
Raffinate (R2): 2.04 l.rT 1 
Recycling flow rate (in zone 1): 16.4 l.h" 1 
25 Ratio R2/R1 is 0.59. 

The switching time of the valves (or period) is 70.8 
seconds. 

After paradiethylbenzene is distilled, the extract that is 
30 obtained and that is drawn off continuously delivers a flow 
of 0.71 l/h of paraxylene with 99.7% purity. 

The 2.04 l.h" 1 of raffinate R2 is distilled, and a fluid flow 
rate of 0.39 LIT* is obtained whose composition by weight 
is as follows: 
35 EB: Ethylbenzene 0.07% 
PX: Paraxylene 0.98% 
MX: Metaxylene 69.8% 
OX: Orthoxylene 29.1% 
40 The metaxylene yield is 17%. Raffinate R2 is then sent 
into an orthoxylene distillation column. A fluid flow rate of 
017 l.h is drawn off at the bottom of the column, and the 
composition by weight of the fluid is as follows: 
PX: Paraxylene 0.8% 
45 MX: Metaxylene 59.0% 
OX: Orthoxylene 40.2% 

The orlhoxylene yield at the bottom of the column is 60%. 
At the top of the column, the fluid that is drawn off at a 
50 rate of 0.22 l/h has the following composition by weight: 
EB: Ethylbenzene 0,1% 
PX: Paraxylene 1.1% 
MX: Metaxylene 78.2% 
5S OX: Orthoxylene 20.6%. 

The flow rates that relate to the input of the splitter and the 
crystallization are 1 and 0.56. The metaxylene yield of the 
crystallization according to that of Example 1 is 41.5%. 
The amount of paraxylene that is produced by the overall 
CO unit is 9.75 times greater than the amount of metaxylene^ or 
respectively 0.71 l/h of paraxylene with 99.7% purity and 
0.072 l/h of metaxylene with 99.0% purity. 

EXAMPLE 4 

6$ This example illustrates the production of paraxylene 
from a feedstock from which C 9 and C JO hydrocarbons are 
essentially removed and that comprises a mixture of xylenes 
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and ethylbenzene that is more concentrated in ethylbenzene 
than in the preceding examples and that has the following 
composition by weight: 
EB: Ethylbenzene 8.5% 

PX: Paraxylene 21.1% 5 
MX: Metaxylene 48.9% 
OX: Orthoxylene 21,4%. 

The separation of paraxylene is carried out in the same 
pilot unit as the one that is described in Example 1 and tbat 10 
consists of 24 beds that are 1,1 meters in length and 0,021 
m in diameter and that contains a barium-exchanged X 
zeolite. A rafKnale (raSmaie 2) and an intermediate raffinate 
are drawn off continuously. 

The operating conditions are as follows: 15 

Feedstock: 3.24 UT 1 

Solvent; 5.52 Lh" 1 of desorbem (99.06% of paradiethyl- 
benzene and 0,94% of other C 10 aromatic hydrocarbons) 

Extract: 3.24 LIT 1 20 

Intermediate raffinate (Rl): 4. 11 l.h" a 

Raffinate (R2): 1.41 l-tr 1 

Recycling flow rate (in zone 1): 16,4 LIT* 

The configuration is 5 beds, 9 beds, 5 beds, 3 beds and 2 25 
beds respectively in zones 1, 2 t 3A, 3B and 4. 

The ratio R2/R1 is 0.34. 

The switching time of the valves (or period) is 70.8 
seconds. 

After the paradiethylbenzene is distilled, the extract that 30 
is obtained and that is drawn oh* continuously delivers a flow 
of 0,66 1/h of paraxylene with 99.7% purity. 

The 1.41 LIT 1 of raffinate is distilled, and a fluid flow rate 
of 0.19 l.h" a is obtained whose composition by weight is as 
follows: 35 

EB: Ethylbenzene 0.2% 

PX: Paraxylene 1.4% 

MX: Metaxylene 70.2% 

OX: Orthoxylene 28-2% 4 0 

The metaxylene yield is 8.6%. Raffinate 2 is then sent into 
a distillation column. 

At the top of the column, a fluid flow of 0.103 1/h is drawn 
oil whose composition by weight is as follows: 45 

EB: Ethylbenzene 0.34% 

PX: Paraxylene 1.8% 

MX: Metaxylene 87.1% 

OX: Orthoxylene 10.7%. 

The flow rates that relate to me input of the distillation 
column and the crystallization are 1 and 0.55, The metaxy- 
lene yield of the crystallization that is carried out according 
to that of Example 1 is 64%. 

Hie amount of paraxylene that is produced by the overall 5S 
unit is 11 times greater than the amount of metaxylene, or 
respectively 0.66 I/h of paraxylene with 99.7% purity and 
0.06 J/h of metaxylene with 99.0% purity, 

At the bottom of said column, a fluid flow rate of 0.087 
1/h is drawn off that can be sent into a crystallization unit at go 
a temperature of -60 Q C. to produce orthoxylene with 98.5% 
purity, after a resuspension of orthoxylene crystals at -20° 
C. and washing by pure orthoxylene. 

EXAMPLE 5 65 

In this example, the feedstock of the following composi- 
tion by weight: 
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EB: Ethylbenzene 5.6% 

PX: Paraxylene 22.6% 

MX: Metaxylene 49,9% 

OX: Orthoxylene 21.9% 
undergoes a first distillation stage before entering the 
adsorption unit in a simulated moving bed. The feedstock 
flow rate is 4.98 1/h. The distillation stage has as its object 
to deplete of orthoxylene the flow that penetrates the adsorp- 
tion unit. An orthoxylene-enriched flow of 1.94 I/h is drawn 
off at She bottom of the column. The How that is drawn off 
at the bottom of the column is distilled in a second column 
for distilling xylenes. At the top, a flow rate of a flow that 
contains pure orthoxylene with 99% purity is recovered. The 
flow that exits at the top of the first column with a flow rate 
of 3.04 1/h is depleted of orthoxylene and has the following 
composition by weight: 

EB: Ethylbenzene 6.7% 

PX; Paraxylene 2S.3% 

MX: Metaxylene 60.1% 

OX: Orlhoxylene 4.9%. 

This flow is directed to the adsorption unit. The separation 
of the paraxylene is carried out in the same pilot unit as the 
one that is described in Example 1 and that consists of 24 
beds that are 1.1 meters in length and 0.021 m in diameter 
containing a barium-exchanged X zeolite. A raffinate 
(raffinate 2) and an intermediate raffinate are drawn off 
continuously. The configuration is 5 beds> 9 beds, 5 beds, 3 
beds and 2 beds respectively in zones 1, 2, 3 A, 3B and 4. 

The operating conditions are as follows: 

Entering flow: 3.04 Lb" 1 

Solvent: 5.17 LIT 1 of desorbent (99.06% of paradiethyl- 
benzene and 0.94% of other C 30 aromatic hydrocarbons) 
Extract: 3,03 l.fr 1 

Intermediate raffinate (Rl): 3.98 LIT 1 
Raffinate (R2): 1.2 UT a 
Recycling flow rate (in zone 1): 16.05 l.ir 1 
Tbe switching time of the valves (or period) is 70.8 
seconds. 

After paradiethylbenzene is distilled, the extract that is 
obtained and that is drawn off continuously delivers a flow 
of 0.83 1/h of paraxylene with 99,7% purity. 

The 1.2 Lb" 1 of raffinate is distilled, and a 8uid flow rate 
of 0.12 l.fr 1 is obtained whose composition by weight is as 
follows: 

EB: Ethylbenzene 0.1% 

PX: Paraxylene 1.9% 

MX: Metaxylene 92.3% 

OX: Orthoxylene 5.6%. 

The metaxylene yield is 6%, The metaxylene yield of the 
crystallization that is produced according to that of Example 
1 is 79%. 

The amount of paraxylene that is produced by the overall 
unit is about 10 times greater than the amount of metaxylene 
that is produced > or respectively 0.83 1/h of paraxylene with 
99.7% purity and 0.086 1/h of metaxylene with 99.0% purity. 

EXAMPLE 6 

It is desired to produce paraxylene with the strongest 
productivity possible and simultaneously metaxylene in an 
amount that is about fifteen times less. The pilot unit that is 
used to do this consists of 20 columns that are 1.1 m in 
length and 0.021 m in diameter. 344 g of badum-exchanged 
X zeolite with a moisture level of 5.5%, expressed in terms 
of lire loss at 900° C, is loaded per column. The operating 
temperature is 175° C, t the pressure at the intake of the 
recycling pump is kept at 10 bar, all of the injected or 
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drawn-off flows have the flow rale being monitored, with the 
exception of the intermediate ramnate that has the pressure 
being monitored; and the injection and draw-08: flow rates 
are expressed in ambient pressure conditions and at 20° C 
Four beds are counted between the injection of desorbent 
and draw-off of extract, 7 beds between the draw-off of 
extract and the injection of feedstock, 4 beds between the 
injection of feedstock and the drawofl of intermediate 
raffinate, 3 beds between the draw-off of intermediate r af- 
fmate and the draw-off of raffinate and 2 beds between the 
draw-off of raffinate and the injection of desorbent. 

63 crn^/rnin of feedstock with the following composition 
is injected: 

Ethylbenzene 5.54% 

Paraxylene 22,59% 

Metaxylene 49.9% 

Orthoxylene 21.97%. 

78.75 cm 3 /min of desorbent that consists of 98.9% of 
paradielhylbenzene and 0,7% of meladiethylbenzene are 
injected, whereby the difference at 100 consists of about ten 
components of CIO aromatic compounds. 

38.5 cm 3 /min of extract with the following composition 
by weight is drawn off: 

Ethylbenzene 0.098% 

Paraxylene 34.75% 

Metaxylene 0,655% 

Orthoxylene 2.87% 

Paradiethylbenene 63.81%, whereby the difference at 
100% consists of C10 aromatic compounds. 

79.3 cm 3 /min of intermediate raffinate is drawn off, whose 
composition by weight is: 

Ethylbenzene 4.35%, 

Paraxylene 0.94% y 

Metaxylene 35.74%, 

Orthoxylene 15.93%, 

PDEB 42.73%, whereby (he difference at 100% consists 
of C10 aromatic compounds, 

23.95 cm^/roin of raffinate R2 is drawn off, whose com- 
position by weight is: 

Ethylbenzene 0.2%, 

Paraxylene 0.44%, 

Metaxylene 11.83%, 

Orthoxylene 457%, 

PDEB 82.68%, whereby the difference at 100% consists 
of C10 aromatic compounds. 

Hie switching period is 60,7 seconds, and the flow rate of 
the recycling stream in zone 1 is 295.7 cm 3 /min expressed 
at 50° C. 

It is noted that in the extract, the purity of paraxylene is 
97% for a yield of 94%. By contrast, relative to a market 
where the paraxylene would be produced with at least 99.6% 
pudty with a yield of 96.6%, the solvent rate was reduced 
from 1.7 to 1.25, the productivity increased by 40%, and the 
absolute number of beds was reduced from 24 to 20. 

The extract is distilled and sent into crystallization, The 
paraxylene crystals are separated from the mother liquor by 
centrifuging, resuspended, washed by molten, pure paraxy- 
lene and collected. Starting from paraxylene with 97% 
purity, paraxylene with a purity of approximately 99.6% will 
be obtained with 98% yield; for a crystallization temperature 
of -20°, the paraxylene content of the mother liquor will be 
about 38%. This mother liquor is recycled at the inlet of the 
adsorption column with the fresh feedstock. 
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Likewise, raffinate R2 is first distilled to recover the 
paradieihylbenzene. At the top of the column to be distilled, 
a mixture is obtained whose composition by weight is: 

Ethylbenzene 0.11%, 
5 Paraxylene 2,59%, 

Metaxylene 70.18%, 

Orthoxylene 27.12%. 

This mixture is partially distilled before the crystallization 
10 zone to obtain at the top a metaxylene-enriched composition 
of the composition by weight: 

Ethylbenzene 0,17%, 

Paraxylene 3.08%, 
j5 Metaxylene 83.48%, 

Orthoxylene 13.27%, 

This mixture is subjected to a crystallization according to 
that of Example 1, and pure metaxylene at 99% with a yield 
of 55% is obtained. 
20 The orthoxylene-enncbed bottom fraction is recycled in 
the isomerization stage. 

The preceding examples can be repeated with similar 
success by substituting the genetically or specifically 
described reactante and/or operating conditions of this 
25 invention for those used in the preceding examples. 

The entire disclosure of all applications, patents and 
publications, cited above and below, and of corresponding 
French Application No. 01/12.177, filed Sep. 20, 2001 is 
2 Q hereby incorporated by reference. 

From the foregoing description, one skilled in the art can 
easily ascertain the essential characteristics of this invention 
and, without departing from the spirit and scope thereof, can 
make various changes and modifications of the invention to 
3S adapt it to various usages and conditions. 
What is claimed is: 

1. Process for co-production of paraxylene and metaxy- 
lene and/or orthoxylene from a feedstock that contains 
xylenes, ethylbenzene and C9-C10 hydrocarbons, whereby 
40 the process successively comprises; 

A passage of feedstock (1) in a column (2) for distillation 
of xylenes from where a mixture (3) thai comprises the 
majority of metaxylene, paraxylene, ethylbenzene and 
at least a portion of orthoxylene is drawn off at the lop, 
45 and from where a How (4) of C9-C10 hydrocarbons 
and the remaining portion of orlhoxyiene is drawn of£ 
at the bottom; 

A separation of lop mixture (3) in a simulated moving bed 
in at least one chromatographic column (9) containing 

SO a number of beds of an adsorbent that are intercon- 
nected in a closed loop and having a d liferent selec- 
tivity for paraxylene, ethylbenzene, metaxylene and 
orthoxylene, whereby said column comprises at least 
five zones that are delimited by injections of mixture 

55 (3) (adsorption feedstock) and a desorbent (S) and 
draw-otls of an extract (10) thai contains paraxylene, an 
intermediate fraction (11) that contains ethylbenzene, a 
raffinate (R2) (12) that contains orthoxylene and 
metaxylene, whereby a paraxylene desorption zone 1 is 

<5G included between the injection of the desorbent and the 
sampling of the extract, whereby a zone 2 for desorp- 
tion of ethylbenzene, orthoxylene and metaxylene is 
included between the sampling of the extract and the 
injection of the adsorption feedstock, whereby a zone 

65 3A for paraxylene adsorption is included between the 
injection of the feedstock and the draw-off of the 
intermediate fraction, whereby a zone 3B for ethylben- 
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zene adsorption is included between the draw-off of the 
intermediate fraction and the draw-o£f of rafflnaie (R2), 
and whereby a zone 4 is included between the draw-off 
of raf&nate (R2) and the injection of desorbent, 
whereby the process is characterized in thai 
Raffmate (2) is distilled to eliminate essentially all of 

the desorbent, and a distilled r&ffinate (18) is drawn 

off, 

The extract is distilled to recover a paraxylene-enriched 
fraction (16), 
The process is also characterized in that: 

Either distilled raffinate (IS) is sent at least in part to at 
least one crystallization zone (27), and metaxylene 
with a purity of at least 99% is recovered. 

Or distilled raffmate (18) is sent at least in part into a 
second distillation zone (23), a top flow (24) that 
contains metaxylene and a bottom fraction (25) that 
contains orthoxylene (24) are recovered, the top flow 
is crystallized at least in part, metaxylene with a 
purity of at least 99% is recovered, and/or said 
bottom fraction is crystallized at least in part, and 
orthoxylene wilh a purity of at least 98.5% is recov- 
ered, 

2. A process according to claim 1, in which flow (4) is 
distilled in a distillation column (5) to produce a high-purity 
orthoxylene flow (6) at the top and a flow (7) that contains 
C9™C10 hydrocarbons at the bottom. 

3. A process according to one of claim 1, in which the 
crystallization of metaxylene and the crystallization of 
orthoxylene are carried out in a single crystallization zone, 
in runs, to produce metaxylene or orthoxylene separately, 

4. A process according to one of claim 1, in which the 
crystallization of metaxylene and the crystallization of 
ortho xylene are carried out in separate crystallization zones. 

5. A process according to one of claim 1, in which a 
portion of orthoxylene-enriched bottom fraction (25) is 
isomer ized in at least one isomerization zone, and the 
isomerate that is obtained is recycled in distillation column 
(2)- 

6. A process according to one of claims 1, in which the 
adsorbent that is used in the separation stage is a barium- 
exchanged X zeolite or a potassium-exchanged Y zeolite or 
a barium- and potassium -exchanged Y zeolite. 

7. A process according to one of claims 1, in which the 
desorbent is selected from among paradiethylbenzcne, 
toluene, paradifluorobenzene or mixed with diethylben- 
zenes. 

S. A process according to one of claims 1, in which the 
volumetric ratio of desorbent to adsorption feedstock is 
between 0.5 and 2.5. 

9. A process according to claim 1, in which the separation 
stage is conducted at a temperature that is generally between 
20° C. and 250° C, and under a pressxire that is between the 
bubble pressure of xylenes at the operating temperature and 
20 bar. 

10. A process according to claim 1, in which to produce 
high-purity metaxylene, the flow rales of zones 3A and 3B 
as well as the distillation of orthoxylene in column (2) and/or 
second column (23) are regulated to obtain as a crystalliza- 
tion feedstock an effluent thai is essentially free of ethyl- 
benzene and desorbent, with a molar composition that is 
delimited by the four points: pure metaxylene, eutectic 
binary metaxylene-paraxylene (metaxylene 87.0%, paraxy- 
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lene 13.0%), eutectic ternary meta-ortbo-paraxylene 
(metaxylene 61 .4%, orthoxylene 30.5%, paraxylene 8.1%), 
and eutectic binary meta-orthoxylene (metaxylene 66,6%, 
orthoxylene 33.4%), 
5 11. A process according to claim 1, in which at least a 
portion of paraxylene-enriched fraction (16) feeds a crys- 
tallization batch vat to obtain, in runs, after passage into 
crystallization zone (27), a paraxylene flow (28) at at least 
99.90%. 

12. A process according to claim 1, in which to produce 
orthoxylene, the flow rates of zones 3A and 3B as well as the 
distillation of orthoxylene in column (2) and/or second 
column (23) are regulated to obtain as a crystallization 
feedstock an effluent that is essentially free of ethylbenzene 
and desorbent, wilh a molar composition that is delimited by 

15 the four pure orthoxylene points: eutectic binary 
orthoxyiene-paraxylene (orthoxylene 75.7%,. paraxylene 
243%), eutectic ternary meta-ortho-paraxylene (metaxylene 
61,4%, orthoxylene 30.5%, paraxylene 8.1%), and eutectic 
binary meta-orthoxylenc (metaxylene 66.6%, orthoxylene 

20 33.4%). 

13. A process according to claim 1, in which the crystal- 
lization zone or zones comprise at least one crystallizer and 
in which a refrigeration unit is used to operate at a tempera- 
ture of between -45° C. and -60° C. in the case where it is 

25 sought to produce metaxylene, between -20° C, and -60° C, 
in the case where it is sought to produce orthoxylene and 
between 20° C. and C. in the case where it is sought 
to produce paraxylene and in which the mother liquor that is 
separated from the crystals is entrained to a storage vat after 

W the crystallization stage to be recycled in the isomerization 
unit, 

14. A process according to claim 1, in which the chro- 
matographic column contains at least 24 beds, including at 
least 3 beds in zone 3B. 

35 15. A process according to claim 1, in which fraction (16) 
is enriched with paraxylene at at least 50% purity and is sent 
into at least one crystallization zone to deliver paraxylene 
crystals and a mother liquor, the crystals are separated from 
the mother liquor^ optionally resuspended, washed and 

40 recovered, and the mother liquor is recycled in the chro- 
matographic column. 

16. A process according to claim 8, wherein said volu- 
metric ratio is between 1.4 and 1.7. 

17. A process according to claim 9, wherein said tenn- 
is perature is between 90° C and 210° C. 

15. A process according to claim 9, wherein said tem- 
perature is between 160° C. and 200° C. 

19. A process according to claim 1, wherein distilled 
rafSnate (IK) is sent at least in part to at least one crystai- 

50 iization zone (27), and metaxylene with a purity of at least 
99% is recovered. 

20. A process according to claim 1, wherein distilled 
rafSoate (18) is sent at least in part into a second distillation 
zone (23), a top flow (24) that contains metaxylene and a 

55 bottom fraction (25) that contains orthoxylene (24) that 
contains metaxylene and a bottom fraction (25) that contains 
orthoxylene (24) are recovered, the top flow is crystallized 
at least in part, metaxylene with a purity of at least 99% is 
recovered, and/or said bottom fraction is crystallized at least 

60 in part, and orthoxylene with a purity of at least 98,5% is 
recovered. 

* * * * # 
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Abstract: 

Dehydrogenation of ethylbenzene to styrene under excess carbon dioxide flow was carried out over activated carbon-supported metal oxide catalysts (Cr, 
Mn, Co, Ni. Mo, Ru, La, and Ce) at 823 K and WiF- 35 g of catalyst- h/moL The highest yield of styrene (about 40%) with selectivity of above 80% was 
obtained using activated carbon-supported chromium oxide (Cr/AC) and cerium oxide (Ce/AC) catalysts. The initial activities of the Cr/AC and Ce/AC 
catalysts were comparable to that of an iron-loaded activated carbon catalyst reported previously. Only chromium(m) oxide and cerium(IV) oxide were 
detected by X-ray diffraction before and after reactions at higher loading levels, and these species might have been active forms. However, a reduced 
chromium oxide species was detected by X-ray photoelectron spectroscopy after reaction under argon. In addition to the produced styrene, equivalent 
amounts of carbon monoxide and water were formed. These results suggest that the dehydrogenation of ethylbenzene to styrene proceeds via two 
reaction paths. One is the simple dehydrogenation and an oxidation reaction of hydrogen formed with carbon dioxide. The other is the oxidative 
dehydrogenation of ethylbenzene through the redox cycle of chromium(ill) oxide. 
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